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Chemical Removal of Pyri t ic  Sulfur from Coal 

J .  W. Hamersma, M .  L. &raf t ,  E. P. Koutsoukos, and R.  A. Meyers 

TRW Systems Group, One Space Park 
Redondo Beach, California 90278 

INTRODUCTION 
The Meyers Process for  the chemical removal of pyr i t ic  sulfur  from coal 

i s  a TRW proprietary process (1)  which i s  currently in a bench scale develop- 
ment phase under the sponsorship of the Demonstration Projects Branch of the 
Environmental Protection Agency. Laboratory results , which preceded the 
current bench scale ac t iv i t ies  , are presented here. 
that  40-75% o f  the to ta l  su l fur  content, corresponding t o  near 100% of the 
pyri t ic  su l fur  can be removed from a l l  coals tested u t i l i z ing  a mild aqueous 
extraction. The background f o r  the process concept and a summary of the 
resul ts  of over one hundred coal extractions are  presented below. 

These resu l t s  show 

BACKGROUND 

The concept of chemical ly removing pyrites from coal has not heretofore 

For example, 
been advanced as a solution t o  the sulfur  oxide air pollution problem as i t  
i s  known tha t  iron pyrites are insoluble i n  any known liquids. 
the acids hydrochloric, hydrofluoric, su l fur ic  or  combinations of these, 
which dissolve many inorganic s a l t s  have  l i t t l e  o r  no e f fec t  on iron 
pyrites. On the other h a n d ,  i t  i s  well known tha t  pyrites may be oxidatively 
converted to  sulfates ,  soluble i n  strong acid,  by strong oxidizing agents 
such as n i t r i c  acid or hydrogen peroxide. 
used for  the analysis of the pyr i t ic  su l fur  content of coal. 
reagents have never seriously been advanced as a method f o r  lowering the 
sulfur  content of coal , because even though they are strong enough t o  
dissolve pyrite,  they also oxidize ( i n  the case of n i t r i c  acid,  n i t ra te )  
the coal matrix. T h u s ,  i t  was not thought possible t o  devise a process 
for  chemically removing or  dissolving the pyri t ic  sulfur content of coal. 

In fac t ,  they have long been 
However, these 

In order t o  provide an economically viable process f o r  the chemical 
removal of pyrites from coal , i t  .would be necessary to  ut i l ize  an oxidizing 
agent (most l ikely aqueous) which is  a )  select ive t o  pyri te ,  b) regenerable, 
and c) highly soluble i n  both oxidizing and reduced form. I t  was discovered 



I .  

t h a t  e i t h e r  f e r r i c  s u l f a t e  o r  f e r r i c  ch lo r i de  meets the above combination 

o f  requirements, and these reagents form the basis of the process chemistry 
which i s  described i n  t h i s  paper. ; 

CHEMIST RV 

I n  the Meyers Process, aqueous f e r r i c  s u l f a t e  o r  ch lo r i de  ( m i l d  bu t  
e f f e c t i v e  o x i d i z i n g  agents) s e l e c t i v e l y  ox id i ze  t h e  p y r i t i c  s u l f u r  content 

( 2 )  (3 )  o f  coal t o  form f r e e  s u l f u r  and s u l f a t e  which dissolves i n t o  the 
aqueous so lu t ion .  The f r e e  s u l f u r  may then be removed from the coal mat r i x  
by steam o r  vacuum vapor i za t i on  o r  so lvent  e x t r a c t i o n  (4 )  and t h e  ox id i z ing  
agent may be regenerated and recycled. 
below. 

The chemistry i s  o u t l i n e d  i n  eqs 1-4 

2 Fe+3 + FeS2 - 3 Fe+2 + 2s 

14 Fe+3 + 8 H20 + FeS2,-15 Fe+2 + 2 SO: + 16H+ 

3 Fe+2 + 3/2 [Ol-3 Fe+3 + 3/2 IO=] 

( 1 )  

( 2 )  

S - Coal - S + Coal ( 3 )  

( 4 )  

The aqueous e x t r a c t  s o l u t i o n  which contains i r o n  i n  both the  ferrous 
and f e r r i c  s ta te ,  may be regenerated, i n  any number o f  ways, i nc lud ing  a i r  

ox ida t i on  o f  t h e  fe r rous  i o n  t o  f e r r i c  (eq 4) ( 5 ) .  
aspect o f  t h i s  process l i e s  i n  the  f a c t  t h a t  " i r o n  i s  used t o  remove iron", 
s o  that on regenerat ion it i s  n o t  necessary t o  separate the  i r o n  which i s  
ex t rac ted  from the  coal  f r o m  a metal o x i d i z i n g  agent. 

Another fo r tuna te  

The experimental method i s  q u i t e  simple, i n v o l v i n g  t reatment o f  coal 
w i t h  aqueous f e r r i c  c h l o r i d e  o r  s u l f a t e  s o l u t i o n  a t  approximately 100°C t o  
convert  the p y r i t i c  s u l f u r  content t o  elemental s u l f u r  and s u l f a t e .  The 

aqueous so lu t i on  i s  separated f r o m  the  coal and the  coal i s  washed t o  

remove res idua l  f e r r i c  s a l t .  The elemental s u l f u r  which i s  dispersed i n  
the  coal  mat r i x  i s  then removed by vacuum d i s t i l l a t i o n  o r  e x t r a c t i o n  w i t h  
a so l ven t  such as to luene o r  kerosene. The r e s u l t i n g  coal i s  b a s i c a l l y  

p y r i t e  f ree  and may be used as low s u l f u r  f u e l .  
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RESULTS 

Four coals were se lec ted  fdr process eva lua t ion  whose s u l f u r  form 
d i s t r i b u t i o n  i s  t y p i c a l  o f  coals east  o f  t h e  M i s s i s s i p p i  R i v e r  and which 
represent major Un i ted  States coal beds: P i t tsburgh,  Lower K i t tann ing ,  
I l l i n o i s  #5 and H e r r i n  86. The P i t tsburgh bed has been descr ibed as the 
most valuable i n d i v i d u a l  minera l  deposi t  i n  t h e  Uni ted States and perhaps 
i n  the  world. ' I t s  product ion accounts f o r  approximately 35% o f  t h e  t o t a l  
cumulative product ion o f  the  Appalachian bituminous coal bas in  t o  January 1, 
1965, and 21% o f  t h e  t o t a l  cumulative product ion o f  t h e  Un i ted  States t o  
t h a t  date ( 6 ) .  
conta ins even 1arger.reserves than the. P i t t sburgh seam. 
the  most widespread and commercially va luable coal bed i n  t h e  Eastern 
i n t e r i o r  coal bas in.  The H e r r i n  No. 6 bed i s  second i n  commercial importance 

only  t o  the  No. 5 bed. 

The L w e r  K i t t a n n i n g  bed together  w i t h  i t s  c o r r e l a t i v e  beds 
The No. 5 bed i s  

Analys is  f o  t h e  f o u r  coal samples t h a t  were used f o r  t h i s  s tudy are  
shown i n  Table 1. The i n d i c a t e d  to lerances are the  standard dev iat ions.  

F ive o r  more coal samples were used f o r  s u l f u r ,  ash and heat  content  
analyses w h i l e  t h r e e  o r  more samples were used f o r  s u l f u r  forms ana lys is  (7) .  

Py ri t i c 
S u l f u r  
S u l f a t e  
S u l f u r  
Organic 
S u l f u r  
To ta l  
S u l f u r  
Ash 
Btu 
Rank - 

Lower 
K i t t a n n i n g  

3.58 2 .08 

0.04 2 .01 

0.67 2 .10 

4.29 2 .06 

20.77 2 .59 
12,140 5 55 

Medium V o l a t i l k  
Bituminous 

Table 1 

Dry Analyses o f  Coals 

I l l i n o i s  #5 

1.57 2 .03 

0.05 f .01 

1.86 .04 

3.48 2 .03 

10.96 2 .26 
12,801 5 58 

High V o l a t i l e  
Bituminous 

P i t t s b u r g h  
~ 

1.20 2 .07 

0.01 k .01 

0.68 2 .16 

1.88 f .07 

22.73 f .48 
11,493 5 60 

i i a h  V o l a t i l e  I 
Bituminous 

H e r r i n  #6 

1.65 f .04 

0.05 2 .01 

2.10 & .06 

3.80 2 .04 

10.31 2 .28 
12,684 5 55 

i i g h  V o l a t i l e  B 
B i  tuminous 
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Mineral Pyrite 
Lower Kittanning 
I l l i no i s  #5 
Pi t t sb u rgh 
Herrin #6 

Both f e r r i c  chloride and f e r r i c  sulfate  have been used in t h i s  study 
with good results. However, from a process standpoint, f e r r i c  su l fa te  has  
the following advantages: a )  i t  i s  less  corrosive, b )  regeneration i s  less  
complicated and expensive in t h a t  the iron sulfate  formed (equation 2 )  does 
not have t o  be separated from i ron  chloride, and c)  the removal of residual 
leach solution i s  eas ie r  and therefore more economical. 

1 

I 

I 

! 

4 

2.4 2 .2a 
1.4 5 . 3  
1 . 6 ' 2  .4  
1.3 2 . 3  
1.4 2 . 3  

I t  has been found t ha t  the extent of the reaction indicated by equation 2 
re la t ive t o  t h a t  of equation 1 or the su l fa te  t o  sulfur  ra t io  to  be 2.4 2 .2  

when rock pyrite i s  used and 1.4 5 .4 for  sedementary pyri te  found in the 
coals used in th i s  work. 
s t a l  s t ructure ,  differences in react ivi ty  have been documented which have 

possible modes of formation (3a) .  In the case of coal ,  no s ignif icant  vari- 
ation in this  r a t io  was found with f e r r i c  ion concentration, acid concentra- 
t ion,  coal or reaction time. 

Although both materials a r e  FeS2 of the same cry- i 

been attr ibuted t p  impurities and crystal defects peculiar to  the various I 

The resu l t s  for  each coal are  found in  Table 2. 

Table 2 

Sulfate t o  Sulfur Ratio for Extraction of Coal 
and Mineral Pyrite with Ferric Chloride Solution 

Substrate Sulfate t o  Sulfur Ratio 
(Average All Runs) I 

aStandard deviation 

A systematic parametric study was made i n  order t o  determine the effect  
of acid concentration, coal par t ic le  s ize ,  ferrous and su l fa te  ion concen- 
t ra t ion ,  and reaction time, on pyrite removal. These parameters were studied 
using conditions (see Experimental) tha t  give 40-70% pyr i t ic  sulfur  removal 
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so tha t  the effects  of parameter variations are c lear  and n o t  be so small 
as t o  be masked by experimental error  as when removal i s  greater than 
85-90%. 
sulfur  removal with both f e r r i c  chloride and su l fa te  as well as a s e t  of 
experiments tha t  were designed p o i n t  u p  differences between f e r r i c  su l fa te  
and f e r r i c  chloride. 

In addition, studies were performed t o  demonstrate 90-100% pyri t ic  

The e f fec t  of added hydrochloric acid concentration was studied in 
order t o  determine whether or not the acid had any effect  on pyrite and 
ash removal, sulfate/sulfur  r a t io ,  final heat content and whether h i g h  HC1 
concentrations chlorinated the coal. 
tuents,  increased ash removal was expected as well as some suppression of 
the sulfate  to  sulfur  r a t io  since the reaction t h a t  resul ts  i n  sulfate  
formation also yields eight moles of hydrogen ion per mole of sulfate  
(common ion e f f ec t ) .  Added acid was studied in the range of 0.0 t o  1.2E 
using concentrations of 0.0, 0.1, 0.3 and, 1 . 2 l  hydrochloric acid i n  0.9i 
f e r r i c  chloride. Duplicate runs were made a t  each concentration w i t h  a l l  
four coals for  a to ta l  of 32 runs. The results showed no c lear  cut trends 
even (except one-vide inf ra )  when the data was smoothed via computer 
regression analysis. 
enough t o  have any substantial effect  on the production o f  sulfate  or t o  
cause the removal of additional ash over t h a t  which i s  removed by the pH 
of 1M fe r r i c  chloride (:pH 2 ) .  

Since coal has many basic ash consti- 

Apparently, the concentration range was n o t  broad 

I An important consideration in  any chemical process i s  the select ivi ty  
for  the desired reaction. 
f e r r i c  ion, the extent of  the reaction of  the reagent w i t h  the coal matrix 
has a major effect  on the process economics. 
of t h i s  reaction varies from small to  substantial depending on the acid 
concentration, coal, and f e r r i c  anion.  In order to  define th i s  effect  
quantitatively,  the ra t io  of actual mmoles of ferrous ion produced t o  the 
mmoles of ferrous ion necessary t o  produce the sulfate  and elemental sulfur  
t h a t  was recovered was calculated f o r  each run (see equations 1 and 2 ) .  
This ra t io ,  Fe( II)[Experimental]/Fe(II)[Calculated], has a value of one 
for  100% select ivi ty  and a higher value for  less  than 100% select ivi ty .  

In the case of oxidative leaching of pyrite by 

We have found tha t  the extent 

1 

I 

t The data, for  f e r r i c  chloride, in Table 3 were smoothed by l inear regression 
I 
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0.9N FeC13 

O.OM HG1 1.2M HC1 

1.2 1.4 
3.8 6.6 
2.2 3.4 
3.7 6.4 

analysis using the values generated i n  the acid matrix while the f e r r i c  
sulfate  values are the average of t r i p l i ca t e  runs. 

0 . 4 l  Fe2( SO4) 

O.OM H 2  SO4 

1.2 
1.6 
1.5 
2.4 

Table 3 
Variation of Ferric Ion Consumption w i t h  Acid 

Concentration and Ferric Anion 

Coal 

~~ ~ _ _  

Lower K i  ttanning 
I l l i no i s  No. 5 
Pi t t sburgh  
Herrin No. 6 

I t  i s  readily apparent t h a t  the higher ranked Appalachian (Lower 
Kittanning and P i t t s b u r g h )  coals react t o  a lesser  extent w i t h  f e r r i c  ion 
under a l l  experimental conditions t h a n  the lower ranked Eastern in te r ior  
( I l l i no i s  #5 and Herrin #6) coals. I n  addition, the f e r r i c  chloride runs 
show t h a t  a very substantial  acid catalyzed reaction occurs i n  t h i s  system 
which i s  most evident fo r  the I l l i no i s  #5 and Herrin #6 coals. In these 
coals, a reduction of about 42% i n  f e r r i c  ion consumption i s  observed 
when the s ta r t ing  HC1 concentration i s  reduced from 1.2M t o  0.01. 
corresponding reductions for  Pittsburgh and Lower Kittanning coals are 35% 
and 14% respectively, 
f e r r i c  ion consumption ranging from 3% fo r  Lower Kittanning coal t o  63% for  
I l l i no i s  #5 coal are observed. 
f e r r i c  su l fa te  i s  the preferred form of f e r r i c  ion in order t o  increase 
se lec t iv i ty .  

The 

When f e r r i c  su l fa te  i s  used, further reductions i n  

From these early d a t a ,  i t  appears tha t  

The data l is ted i n  Table 4 i l l u s t r a t e  the effect  of t o p  mesh s i ze  on 
pyr i t ic  su l fur  removal. The coal samples were prepared by the same comninution 
techniques and ccnsequently, the s ize  distribution of the samples should be 
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Table 4 

Effect of TOD Mesh Size on Pvri t ic  Sulfur Removal 

Sulfur Removeda 
-1/4 -14 -100 Coa 1 

I 

Lower Kittanning 35 60 65 
I l l ino is  No. 5 45 35 50 
Pittsburgh -- 45 60 
Herrin No. 6 -- 70 50 

I aValues rounded t o  nearest 5% 

similar f o r  each coal (8).  In general, a ,  increase of pyri te  removal i s  
observed for  smaller top sizes as expected due t o  exposure of pyrite encap- 
sulated within the coal matrix. The I l l ino is  #5 and Herrin #6 coals deserve 
special comment because reaction of the f e r r i c  ion w i t h  the coal matrix 
resulted in greater than 75% depletion of the reagent. 
effect  was approximately the same for a l l  three s izes  and the resulting 
depletion of the reagent may have had a leveling effect  on the results. 
the case of the #6 coal, substantially less  f e r r i c  ion was consumed by the 
-14 mesh coal (68 vs. >95%) which i s  probably the reason fo r  the increased 
removal. Thus, while the use of a larger  coal t o p  s ize  reduces pyrite 
removal, i t  i s  n o t  a strong function of mesh s ize .  
internal surface and permeability o f  the coal t o  aqueous media are important 
factors along with the surface exposure o f  pyrite caused by grinding. 
addition, the top mesh s ize  may have an e f fec t  on the ultimate amount o f  
pyrite removal, and further research i s  necessary to  c la r i fy  the exact 
nature of these effects .  

For the #5 coal, this  

I n  

I t  i s  expected that  the 

In 

An examination of equations 1 and 2 shows tha t  both ferrous ion and 
sulfate  ion could have a retarding ef fec t  on pyrite extraction. 
also be expected tha t  the rate i s  dependent on the f e r r i c  ion concentration. 

I t  could 
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Ferric Sul f a t e  
Treated Cqq.1 

(0.4N Fe ) 
% w/wSulfate 

In i t i a l  Final 

Because a commercial process may require the use of various ferric-ferrous ion 
concentration mixtures, these are important parameters. Work w i t h  mineral 
pyrite has indicated t h a t  there i s  no s ignif icant  rate difference with 
f e r r i c  ion concentration between 0.5 and 3.01 as long as enough f e r r i c  
ion i s  present t o  dissolve a l l  the material. Results w i t h  -100 and -14 
mesh Lower Kittanning coal using bo th  f e r r i c  sulfate  and f e r r i c  chloride 
indicate virtually (22%) the same removal when the leach i s  1.0, 2.0 or  
2.51 in f e r r i c  ion.  The use of 0.5M f e r r i c  chloride seems t o  increase 
pyrite remova'l by more than 10%. In addition, a ser ies  of experiments 
were perfoned with a s t a r t i ng  ferrous ion concentration of 0.51 and a 
f e r r i c  ion concentration of 1.01. Under the conditions used, a reduction 
of pyrite removal of 7-8% from a baseline of 62% was observed. Thus, the 
e f fec t  of ferrous ion, when present, i s  small. 

Remo v a 1 
Correcti onb 

abs % 

Since the use of f e r r i c  sulfate  in a process has several advantages 
over f e r r i c  chloride, a t e s t  matr ix  was' performed, summarized i n  Table 5,  

Table 5 
Comparison of Ferr ic  Sulfate and Chloride for  Pyrite Removala 

Coal 

ower Kittanning 

l l i no i s  #5 

i ttsburgh 

er r in  #6 

Pyr i t ic  Sulfur 
Re 
4 

0 .4 i  Fe++' 
c1 s04 

43 38. 

48 43 

50 33 

35 33 

lved 
I/W 

0.91 Fe+++ 

c1 s04 

43 54 

50 50 

58 -- 
52 64 

0.07 0.17 

0.05 0.17 . 

0.01 0.08 

0.05 0.20 

+3 

+8 

+7 

+9 

aConditions': 600 ml 0.4 and 0.91 Fe*3 solution, 100 g -100 mesh top 

bIncrease f e r r i c  su l fa te  extraction values by this % t o  correct for  

s ize  coal,  refluxed at.300"C fo r  2 hrs. 

retained sulfate. 
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t o  compare the aDility of f e r r i c  su l fa te  t o  remove pyr i t ic  su l fur  from al l  
four coals. 
s l igh t ly  less  sulfur was removed by f e r r i c  su l fa te  than was indicated w i t h  
f e r r i c  chloride. However, when a solution of 0.9E i n  f e r r i c  ion was used, 
i t  was found that  f e r r i c  su l fa te  removed an equal or  greater amount of 
sulfur  than f e r r i c  chloride. Analysis of the coals a lso showed t h a t  a 
small amount of sulfate  remains w i t h  the coal a f t e r  a simple washing 
procedure. Preliminary resul ts  show that  this can be reduced t o  s tar t ing 
values using more rigorous washing procedures. I f  we assure that  a l l  the 
su l fa te  can be removed, t h e n  the values f o r  su l fur  removal by f e r r i c  sul- 
f a t e  extraction can be raised 3 to  9% depending on the coal. 

Util izing solutions 0.48 i n  f e r r i c  ion, i t  was found that  

Attempts t o  increase pyri te  removal by increasing the reaction time 
m e t  w i t h  limited success u n d e r  our standard conditions due t o  the f a c t  
tha t  reaction of the f e r r i c  ion w i t h  the coal matrix depleted the f e r r i c  
ion needed for  extraction of the pyrite.. T h u s ,  f o r  example, increasing 
the coal reaction time from 2 t o  12 hours only increased pyr i t ic  sulfur 
removal from 60 to  80 percent for  Pittsburgh coal. 
obtained for  the other three coals. 
crease the amount of leach solution o r  use a continuous or  semi-continuous 
(multiple batch) reactor. A multiple batch mode was chosen because i t  was 
a simple laboratory procedure and a t  the same time could approximate con- 
di t ions encountered in a commercial plant.  A 1 hr per batch leach time 
was used because our 2 hr results indicated t h a t  i n  the early stages o f  
removal the r a t e  begins to  t a i l  o f f  a f t e r  1 hr and s i x  leaches (or  batches) 
per r u n  were used i n  order t o  assure that  any pyrite tha t  could be removed 
in a reasonable amount of time was removed. The progress of removal was 
monitored by analyzing the su l fa te  content i n  each spent leach solution, 
while elemental su l fur  was not removed u n t i l  a l l  the leaches were completed. 
Table 6 shows pyri te  extraction as a function of successive leaches as 
followed by sulfate  analysis of the leach solution. 
major portion of pyr i t ic  su l fur  is removed i n  the f i r s t  two leaches 
or two hours, followed by lesser  amounts i n  the t h i r d  and fourth 
leaches and only small amounts i n  the f inal  two leaches. 

Similar resul ts  were 
T h e  only alternatives were t o  i n -  

Note t h a t  the 
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Table 6 
Pyrite Extraction as a Function of  Successive Leaches 

[n i t i a l  Pyri t ic  
iulfur,  mol  

[xtracted Pyrit ic 
julfur as Sulfate 

mmol 1 
2 
3 
4 
5 
6 

Lower Ki ttanninq 

102 

31.2 
12.4 
9.2 
4.8 
0.4 
0.3 

P i t t s b u r g h  

37.5 

13.5 
6.0 
4.6 
2.1 
0.6 
0.3 

I l l i no i s  #5 

43.4 

11.4 
5.5 
3.6 
1.8 
0.7 
0.5 

- 
Herrin #6 

49.7 

12.5 
6.3 
5.0 
2.1 
1 .o 
0.6 - 

A nominal 40% of the py r i t i c  sulfur  remains w i t h  the coal as elemental 
sulfur.  All indications are tha t  the su l fu r  t o  su l f a t e  r a t io  i s  constant. 

The results i n  terms of f ina l  sulfur  values and pyrite removal are 
given i n  Table 7. 
forms analyses or the difference i n  to ta l  sulfur  between processed and 
untreated coal (Eschka analysis) resulted i n  essent ia l ly  identical values 
of 93 - 100%. This corresponds t o  to ta l  sulfur  removal of 40-70% 
depending on the organic su l fu r  content of the coal. 
greater than 100% removal i s  due cumulative error  i n  analysis and the 
removal of smal 1 amounts of sulfate  (0.02-0.04%). Presently, these 
experiments are being duplicated using f e r r i c  sulfate ,  and preliminary 
analysis indicates the same resu l t s .  

Note t h a t  p y r i t i c  removal computed from ei ther  sulfur  

The observation of 
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CONCLUSION 

The use of f e r r i c  chloride or sulfate  t o  remove pyr i t ic  sulfur  from 
coal has been demonstrated t o  be a feasible process t o  remove pyri t ic  
su l fur  from coal w i t h  high select ivi ty .  
tha t  t h i s  removal i s  not affected t o  any great extent by the presence of 
ferrous, sulfate ,  or hydrogen ions, or coal mesh s ize .  The use of s ix  
1 hr leaches gives 93-100% pyr i t ic  sulfur  removal. 

In addition, i t  has been shown 

EXPERIMENTAL 

Sampling. 
uniform composition. 
Bureau of Mines (Lower Kittanning and Pittsburgh) and the I l l i no i s  
Geological Survey ( I l l i n o i s  #5 and Herrin #6). 
(-1/4 x 0) was coned and quartered o r  r i f f l ed  t o  smaller samples and 
ground t o  t h e  desired mesh s izes  by the appropriate ASTM method. 
analysis in Table 1 are an average of determinations on five or more 
samples representing bo th  -14 and -100 mesh samples taken o r  ground on 
several different  occasions. 

A determined e f fo r t  was made t o  obtain samples with 
The cleaned coal samples were taken by the U.S.  

Each gross sample 

The 

Standard Runs. 
was added t o  a 1-1. resin ket t le  equipped w i t h  a s t i r r e r  and reflux con- 
denser together w i t h  600 ml f e r r i c  chloride or f e r r i c  sulfate  1M i n  f e r r i c  
ion. The solution was brought t o  reflux (102°C) for  the desired time 
(usually 2 hrs) ,  f i l t e r ed  and washed thoroughly on the f i l t e r  funnel. This 
washing procedure was suf f ic ien t  for  runs using f e r r i c  su l fa te ,  b u t  a much 
more thorough washing procedure i s  necessary in the f e r r i c  chloride runs 
t o  reduce t h e  chloride content t o  usable levels. After removal of the 
iron s a l t s ,  the coal was refluxed w i t h  400 m l  toluene f o r  1 hour  t o  remove 
the sulfur  from the coal,  then the coal was dried a t  15OOC under vacuum. 
All calculations are based upon the dry weight of the coal. 

Coal, 100 g ,  of the desired mesh (-14 x 0 or - 00 x 0) 
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Multiple Pass R u n s  were performed the same way except that  the 
f e r r i c  chloride was changed every hour f o r  total  reaction time of 6 hours 
and the f e r r i c  sulfate  was changed a t  1 ,  2.5, 4.5 hrs with a total  reaction 
time of 8.5 hrs. After the final f i l t r a t i o n  and wash, the sulfur  was 
removed by toluene extraction and the coal dried in the normal manner. 

Coal analyses were performed by Commercial Testing and Engineering 
Co., Chicago, I l l inois .  
TRW Timeshare/CDC 6500 computer system. 

Data handling and curve f i t t i n g  were done on the 
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1 NTRODUCTION 

Combustion cf coal f o r  heat,  steam, and e l e c t r i c a l  power aencration i s  by 
f a r  the la rges t  s i n a l e  source of atmospheric su l fur  dioxide pol lut ion ir, t h e  
United States;  i t  current ly  accounts f o r  about txo-thirds  of the t o t a l  s u i f u r  
oxide emissions. The Federal Government has est?bl ished Standards o f  Perfor- 
mance f o r  Fie:./ Stationary Sources ( 1 ) .  These standards l i n i t  the discharoe of 
s u l f u r  dioxide in to  the atmsphere to  1..2 pouncis per a i l l i o n  Bty 's  of heat 
i n y t  f o r  solid f o s s i l  fuel cccti ist ion operaricns generating more t h a n  250 iliil- 
l i o n  Btu's per hour .  T h i s  eriission l i n i t  correspcnds t o  a rliaxinm sti lfur 
content r e s t r i c t i o n  of 0.5 - 0.8:; f o r  nost  Eastern coals .  tio!.!ever, coai f o r  
u t i ' i i t y  consum3tion zveraues about 2.5 - 3.0;: su l fur .  The Xeyers' Process 
presents a new and poten t ia l iy  lo:.! cost  approach t o  fleeting a s ign i f icant  
portion of the requi remnt  f o r  low s u l f u r  coal .  

The Meyers' Process, i n i t i a l l y  developed by TRW, Inc. ,  u t i l i z e s  a siinple 
chemical leaching i x t h o d  t o  remove iron pyr i te  from the  coal m t r i x .  The 
process i s  presently a t  a bench-scale developixnt phase, under sponsorship 
of the Control Sys tws  Division, Office o f  Research a n d  l ionitorin?,  Environ- 
mental Protection Agency, ,v/ith an objec t ive  of obtaining a l l  data necessary 
f o r  the design and operation of a p i l o t  or, eventually,  a demonstration plant.  

This paper presents t h e  r e s u l t s  of prel ininary comercia1 sca le  process 
engineering and  econcinic a s s e s s r m t s  of the  i,!e:/ers' Process and  describes the  
potential  o f  the  process f o r  ccfivertinc current  steam coal production t o  a 
s u l f u r  level consis tent  with Federal regulations f o r  cont ro l l ing  s u l f u r  dioxide 
emissions from s ta t ionary  sources. 

. 
. 
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GENERAL PROCESS CHEMISTRY 
' .  

The basis f o r  the  Meyers' Process f o r  the  removal of inorganic ( p y r i t i c )  
s u l f u r  from coal involves contacting the i ron p y r i t e  i n  the  coal w i t h  a n  
aqueous f e r r i c  s u l f a t e  so lu t ion  and  oxidizing the  pyr i t ic  s u l f u r  t o  elemental 
s u l f u r .  The f r e e  sulfur can then be removed from t h e  coal matrix by solvent 
ex t r ac t ion  or various other  processina nethods (e.g. , steam o r  vacuum vaoori- 
z a t i o n ) ,  and the  oxidizing agent can be regenerated (e.g., by a i r  oxidation) 
and recycl ed. 

individual process operations as  follows: 
The  chemistry associated w i t h  the  process can be i l l u s t r a t e d  f o r  the 

Leacher: 2 Fet3 t FeS2 - Coal -+ 3 Fet2 t 2 S 

Regeneration: 3 Fe+* + 3/4 O2 + 3 Fet3 + 3/2 [O=] 

FeS2 t 14 Fet3 + 8 H20 + 15 Fet2 t 2 SOq= t 16 Ht 

Coal (1 1 
Sulfur  Recovery: S Coal -+ S (elemental) t Coal (2)  

( 3 )  

In addi t ion,  about EO oercent  of t h e  p y r i t i c  su l fur  content of the coal has 
been found t o  oxidize t o  s u l f a t e  which dissolves in the aqueous leaching 
so lu t ion .  The postulated chemistry f o r  s u l f a t e  formation d u r i n g  the  pyr i te  
leaching i s :  

(4 1 

The unique aspect o f  t h i s  process i s  t h a t  i ron ;s x e d  t3  remove i rcn .  
Also, t h e  u t i l i z a t i o n  of a n  iron s g l f s t e  leaching system eliminates the cossi-  
b i l i t y  of depositing extraneous chernicals on the coal (both iron and s u l f a t e  
a r e  present i n  ra'v c o a l ) .  
t h e  process, when vie!ved a s  a u n i t ,  renoves iron pyri te  from coal by u t i l i z i n a  
a i r  (or  oxygen) as a raw nateria ' l  and produces elemental s u l f u r  and iron sul-  
f a t e s  and/or  iron oxides as  products. 

Since t h e  leaching solution can be regenerated, 

. 

PROCESS ENG I PI E E RI N G 

The prooosed process design i s  based mainly on the r e s u l t s  o f  laboratory 
and bench-scale exDerinentation s tudies  dealing with Lo1::er Kittanning coal.  
The base case processinq r a t e  vias selected a t  100 tons of coal per hour (equi- 
valent  t o  a 250 l4!4 u t i l i t y  output)  w i t h  approxinately 3 . 2  tons per hour of 
p y r i t i c  su l fur  removed from t h e  coal.  

A block diagram showing the  processing s teps  current ly  envisioned f o r  
the removal o f . p y r i t i c  s u l f u r  from coal is  presented i n  Fiaure 1 .  
contains  four main sec t ions .  

The process 

- Pyri te  leachinq with f e r r i c  s u l f a t e  solution. 
Regeneration of t h e  f e r r i c  s u l f a t e  leach solution. 
Coal wash ing  w i t h  water. 
Sulfur recovery by solvent  extract ion and coal drying. 

. 
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Pyr ; te  Leachinp 

Based on experimental r e s u l x ,  a countercurrent leach s tcp appears 
des i r ab le ;  f resh ly  regenerated f . i r r i c  ion i s  f i r s t  contacted with coal 
nearly depleted in pyr i te .  Preliminary experinental resu l t s  indicate  t h a t  
ne i ther  ferrous ion nor  , s u l f a t e  ion buildup has a s ign i f icant ly  adverse 
e f f ec t  on the react ion;  thus,  the nearly spent leach solut ion should s t i l l  
be act ively at tacking pyr i te  on the freshly introduced coal stream. Nith 
f resh  coal introduced a t  the  beginning of the leach, there  i s  probably suf-  
f i c i e n t  pyri te  near t he  surface of the  coal pa r t i c l e  so t h a t  no ef fec t  on 
the r a t e  of etchinq of the  pyr i te  surface i s  produced by the high ferrous 
ion concentration. I t  i s  believed t h a t  toward the end of the leach s tep,  
t he  r a t e  of reaction i s  controlled mainly by counterdiffusion of f e r r i c  ion 
i n t o  and  ferrous ion out  of the pores i n  the coal pa r t i c l e s ;  the r a t e  i s  
thereby benefited by high f e r r i c  a n d  low ferrous ion concentrations in the  
leach solut ion.  I f  t h i s  model of the leach s tep  i s  cor rec t ,  then the leacher 
requires  l i t t l e  bulk nixing. Equipnient. which slowly moves coal countercurrently 
through a slotvrly flowing stream of leach  solution will be highly e f f ec t ive  as 
a leach reactor. 

Three coal p a r t i c l e  s i zes  ( - 1 / 4  inch, -14 me.sh, and  -100 mesh) have been 
s tudied during the present experimental vrork. 
su l fu r  removal i s  possible with a l l  of the above coal .par t ic le  s i zes .  The pro- 
cess design proviies f o r  a coal leach residence tirne of four hours. 
design temperature i s  a t  or near t h e  atmospheric boiling p o i n t  of the solution 
(about 100OC) and the  design pressure i s  atmospheric. 

I t  i s  ant ic ipated from current.experinenta1 resu l t s  t h a t  the  reaction of  
f e r r i c  i o n  w i t h  pyr i te  i n  coal wil l  y ie ld  a S O i / S  reaction prJduct r a t i o  of 
a b o u t  1.5/1. A leach solut ion of approximately 7500 G?Ll of 0.5 M f e r r i c  i o n  
concentration ( 100% excess of f : r r i c  i o n  required f o r  complete react ion)  w i t h  
l i t t l e  ferrous ion content or ac id i ty  i s  the nominal design feed t o  the leacher. 

The coal discharging fro# the  pyr i te  leacher i s  separated from t h e  b u l k  
o f  the  leach solut ion and  conveyed to  a water wash system. I t  i s  probable t h a t  
the  separation can be accomplishtd w i t h  s inp le  moving-belt screen f i l t e r s  since 
surface f lu ids  are  readi ly  removed d u r i n g  the next processing s tep.  
powerful centr.ifuaes were employed, f l u ids  would not be driven from one-half  of 
t he  coal pores which a r e  oriented totward o r  i n to  the induced centrifugal force 
f i e l d . )  The leach solut ion recovered in .  the separator i s  recycled back t o  the 
pyr i te  1 eacher. 

The resu l t s  indicate  t h a t  pyr i t ic  

The leacher 

(Even i f  

Regeneration o f  the  Pyr i t e  Leach Solution 

Spent  leach solut ion from the  pyri te  reactor  wil l  contain unreacted f e r r i c  
ion, ferrous ion, by-product and recycled su l f a t e  ion, recycled a n d  spent wash 
water, acid produced by the su l fu r  and  s u l f a t e  react ions,  numerous minor e le-  
melits, and possibly sone xa te r  soluble  organic compounds leached from the coal. 
Regeneration o f  the leach solut ion includes the separation of a low ion content 
wash water fo r  re turn t o  the :rash sec t ion ,  the a i r  oxidation o f  ferrous ion t o  
f e r r i c  i o n ,  and the  separat ion of ferrous or f e r r i c  su l f a t e  a n d  iron oxide in  
the  quant i t ies  produced during the  leach s tep.  
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Regeneration of  f e r r i c  ion from a n  aqiteous solut ion o f  ac id ic  ferrous ion 
i s  readi ly  accomolished by oxida;ion w i t h  a i r .  
regeneration may be carr ied out in  equipc;ent separate  from t h e  pyr i te  leach 
reaLtor. This arrancenent offers '  the  grea tes t  opportunity f o r  using technoloay 
developed inde2endently of  t h e  coal leaching. 
t i o n  has m u c h  i n  comon v i th  treatment of spent pickle solut ions from descalin? 
of iron or s t e e l .  
g rea tes t  a t ten t ion  in hydrochloric acid pickling where oxidation of ferrous 
chlor ide t o  f e r r i c  chlor ide precedes hydrolysis and acid recovery..) 

As shown i n  Figure 1 ,  the 

(ReGeneration of coal leach solu- 

1 

I 

Oxidation o f  ferrous ion t o  f e r r i c  ion i s  receivina the 

Water Clashing 

. 
residual leach solut ion.  
s u l f a t e  on  the coal d u r i n a  drying and reduce the extract ion e f f ic iency . )  
bench s c a l e  ex>erience,  i t  has been found t h a t  drained Lo1;rer Kittanning coal 
re ta ins  a b o u t  20; x/w of the f e r r i c  s u l f a t e  leach solut ion.  (These weights 
were s imi la r  f o r  e i t h e r  the -1/4 inch o r  the  -14 rresh samoles.) 
leach solut ion from the pores o f  the coal par t ic les  i s  probably a diffusion 
controlled process and, i f  t h i s  i s  the case,  c.ou1d ideal ly  be carr ied o u t  in  a 
countercurrent !;rasher r:ith long residence t ir ie.  I t  i s  reasonable to  predict  
t h a t  a vrashinq t i z e  of 5 t o  507; o f  the  leaching t i n e ,  a n d  wash water reauire-  
ments i n  the range of one-half t o  one pound water per pound of coal would be 
capable of renoving subs tan t ia l ly  a l l  of the  residual l e a c h  so'rution from the 
coal.  The spent :./ash water i s  pc7;lped t o  the pyr i te  leacher ,  and the water on 
the coal discharping from the water washer i s  drained on a moving-belt screen 
f i l t e r .  (Bench sca le  experience indicates  drained Lower Kittanning re ta ins  
about 15% w/w wash water based on dry coal weight.) 

\ later washing t h e  coal leaving the  pyr i te  leacher i s  necessary t o  remove 
(Leach solut ion not washed front t h e  coal wil l  deposi t  

From 

The reroval of 

\!, 

-- Sulfur  Extraction and  Coal Dryino 

The coal ex i t ing  the  {brasher s t i l l  contains elecental  s u l f u r  formed from 
pyr i te  i n  the  coal p a r t i c l e s  during the leach reaction. The proposed Crocess 
shown i n  Figure 1 uses a dissolvent  (e .q . ,  a r m a t i c  or  a l i p h a t i c  hydrccarbcn) 
t o  e x t r a c t  the elemental s u l f u r  from t h e  coal.  Residual wash \;rater i s  a l so  
dispiaced from the  coal pores during t h e  su l fur  extract ion.  Toluene has been 
u.sed f o r  extract ion i n  laboratory and bench scale  exaerinental  work, b u t  any 
low priced, convenient sol vent could be subst i tuted.  

cause s u l f u r  t o  p rec ip i ta te  from so lu t ion ,  f i l t e r e d  t o  recover the  sulfur, and 
separated from a n y  irnrnissible water. 
and recycled to  the  s u l f u r  ex t rac tor .  

The coal e x i t i n c  the  s u l f u r  ex t rac tor  i s  conveyed t o  a solvent dryer where 
any residual s u l f u r  solvent  i s  removed. 
the  solvent f r m  the coal and  carry i t  t o  a condenser where the  solvent  i s  con- 
densed, separated frcm the i n e r t  gas,  and recycled t o  the  sulfur ex t rac tor .  
dry processed coal is  allowed t o  cool and i s  then conveyed t o  s torage.  

The hot,  su l fur - r ich  solvent exitin: the su l fur  ex t rac tor  i s  cooled to  

The low su l fur  content solvent i s  reheated 

A heated i n e r t  g a s  i s  used t o  evaporate 

The 
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Several a1  terna.t ive imethods f o r  removing and recovering elemental su l fur  
from coal have  been assessed i n  ppel iminary evaluations.  One riethod involves 
heating t h e  w e t ,  water-washed coal. t o  molten sulfur tenperature ( i  . e . ,  250°F) 
under pressure (15 to  50 psig)  a n d  then rapidly depressurizina the coal t o  
cause steam t o  be forived i n  the. pores. I t  i s  postulated t h a t  the steam ventina 
from the  pores wil l  d r ive  the  l iquid s u l f u r  droplets  from the pores and  in to  
the steam condensation equipment. 
.able,  the  solvent extract ion and solvent drying s teps  can be eliminated, a n d  
steam str ipping t h e  sulfur byproduct to  reniove solvent would be unnecessary. 

Other processing methods whl'ch have been proposed as a l te rna t ives  t o  the  
s u l f u r  solvent extract ion include: 1 )  melting a n d  displacenent of the  su l fur  
i n  the coal by superheated water ( i . e . ,  50 p s i g ,  300°F) and 2)  vaporization of 
the elemental s u l f u r  by a heated iner t  c a r r i e r  a a s . ( e . g . ,  n i t rogen) ,  fol1o:red 
by cooling of t h e  c a r r i e r  gas a n d  condensation a n d  separation of the su l fur .  

I f  such a process s tep i s  found t o  be oper- 

PROCESS ECONOMICS 

Capital a n d  oceratinq costs  have been e s t i r a t e d  by TRW f o r  a Neyers' pro- 
cessing p l a n t  capable of handling 100 tons of coal per h o u r  ( s u f f i c i e n t  to feed 
a 250 f.RI coal f i r e d  p o w r  p l a n t ) .  Table 1 presents a .sunnary of the capi ta l  
and processinc! cos ts .  The estimated overall  processing cost f o r  the baseline 
p y r i t i c  su l fur  removal Drocess i s  $1.95 Der ton of coal ( a t  per N.1 B t u ) .  The 
capi ta l  cos t  f o r  t h e . p l a n t  i s  estirnated to  be $4 mill ion,  As the  process i s  
f u r t h e r  developed from ;he bench-sc.zle % r k  these cost  f i y r s s  Y +  11 chanae 2nd  
thus t h e  process economics wlll  be accordingly undated a n d  independently examined. 

The coal processing c o s t  is based on 10-year s t r a i g h t  l i n e  depreciation 
o f  the capital  plus 10 percent o f  capi ta l  comnitted annually f o r  maintenance, 
taxes and insurance, The d i r e c t  labor costs  correspond to 41 operators including 
s h i f t  foreman and plant  foreman. A weekly cost  per operator was estimated a t  
$200 plus 25 percent payroll burden for f r inge  benefi ts .  :lo c r e d i t  was allo>xed 
f o r  the  process products: elemental s u l f u r ,  iron oxide a n d  iron s u l f a t e .  Also 
no su l fur  solvent was assumed retained in the processed coal. 
solvent  re tent ion i n  the  processed coal ,  the  processing cost  increases by approxi- 
mately 6t/ ton coa l . )  

The capi ta l  cost  es t imate  was developed by estircatinq major equipnent costs 
and applying i n s t a l l a t i o n  fac tors .  The capi ta l  includes equipment costs  f o r  a 
25 f t .  diameter x 100 f t .  long s t a i n l e s s  s teel-clad kiln-t:dpe leach vessel ,  
separa tors ,  brasher, sulfur  ex t rac tor ,  solvent  dryer and  leach solut ion regene- 
r a t i o n  (factored from the leacher c o s t ) ,  heat exchanoers (based on Calculated 
sur face) ,  puaps and a i r  blower (calculated from estimated horse.sower). Each 
equipment cost was n u l t i p l i e d  by a fac tor  t o  co'der f i e l d  ha te r ia l  and  labor ,  
engineering, e t c . ;  these i n s t a l l e d  costs  were t h a n  added t o  Sive the to ta l  
cap i ta l  cos t .  

The costs do not include those f o r  a coal preparation p l a n t  because they 
may already be included i n  u t i l i t y  operatin? cozts .  
t r i c  genera'tinq f a c i l i t y  u t i l i z e s  a pulverized coal f i r e d  boi le r ,  much of  the 
coal preparation requirement may already be i n  operation. 

_c , 

, (For 0.1:; w/w 

For instance,  i f  an elec- 

Also i f  a u t i l i t y  
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Table 1 
I 

Meyers' Process Economics 

\ 

I Capital Investment 

Pyri te  Leach System 
Leach Solution Regeneration System 
Water Wash Unit 
Sulfur  Extractor and Coa 

Total Cap 
Dryer 

t a l  

Processin9 Cost 

Uti1 i t i e s  
Labor 
tlaintenance, Taxer and Insurance 
Depreciation 

Total Processing Cost 

- $MM 

1.5 
1.0 
0.5 
1.0 
4.0 
- 

$/Ton Ccal 

0.35 
0.60 
0.50 
0.50 
1.95 
- 
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i s  current ly  purchasing coal wh'ch has  been t reated i n  a coal nrenaration 
p lan t  to reinove rock, e t c . ,  additional coal oreparation costs clay not be 
necessary,  as prel ininarv experi -ental r e s u l t s  have demonstra :ed the  I:eyers' 
process capable of handling lar?: coal p a r t i c l e  s i z e s  (e.g., -1 /4  inch).  

No provision was included f o r  a re turn on investment charge f o r  a Mcyers' 
process plant, s ince the  j u s t i f i c a t i o n  f o r  plant i n s t a l l a t i o n  would be com- 
pl iance with pol lut ion control  reaulat ions and/or the cost  incentives asso- 
c ia ted  w i t h  u t i l i z i n g  low c o s t  h i g h  s u l f u r  coal. 

POLLUTION CONTROL 

The lleyers' process f o r  the  extract ion of p y r i t i c  s u l f u r  will  have essen- 
Since t i a l l y  100:; a?pl icat ion to  ne:./ a n d  exis t ing coal coE!bustion a c t i v i t i e s .  

t h e  proccss produccs a cleaned fuel frog rabi coal ,  i t  can be ins ta l led  a t  
e i t h e r  a coinbustion s i t e  o r  a mine-mouth locat ion.  

The present t e s t  work h a s  sho!m the k y e r s '  process t o  be capable of 
achievinq nearly t o t a l  removal of p y r i t i c  su l fur  from coal.  
t ions  obtained have nat indicated any v a r i a t i o n s  due t o  the r a n k  o f  the  coal,  
coal region, o r  coal bed. A t  an estimated oDeratin9 cost of $1.95 per t o n  of 
coal processed, the  p y r i t i c  su l fur  removal process has excel lent  economic 
potent ia l  for use e i t h e r  alone o r  in conjunction :rith a n  orqanic s u l f u r  control 
technique. The two Drocesses could present a unified overall  techniaue for  the 
t o t a l  elimination of s u l f u r  dioxide emissions from cogbustion of the  processed 
coal .  Evaluations i n d i c a t e  t h a t  use of'  the p y r i t i c  sulfur removal Frocess as 
t h c  sole SO? control technique can r e s u l t  in a considerable imqact upon sulfur  
dioxide mis s ion  control .  

The pyr i te  reduc- 

Coals which t y p i c a l l y  contain a majority of t h e i r  su l fur  content i n  a 
p y r i t i c  form a r e  fcund in  the coal mining regions of the Eastern United States  
(Appalachian Basin).  These coal regions a re  im?or t an t  because the A?palaciiian 
Basin contains one-third of the  known rexaining bituminous coal reserves o f  the  
United States  a n d  ow-hal f  of t h ?  estimated to ta l  remaining resources eas t  of 
t h e  I$ississip?i River, reoresenting a to ta l  reserve value of over 280 b i l l i o n  
tons  of coal ( 2 ) .  The ApFalachian Easin also supplies 60:; of the to ta l  U .  S. 
demand f o r  bituminous coal ( 3 ) .  

The su l fur  content of  the s t e m  coals  i n  the  Eastern coal mining regions 
has been extensively examined by the U .  S .  Degartment o f  the I n t e r i o r ' s  
Bureau of Nines ( 4 ) .  
coals  i n  conjunction with coal bed charac te r i s t ics  f rcn  the 1971 edi t ion o f  
t he  Keystone Coal Industry Nanual ( 3 )  indicates  t h a t  l e s s  t h a n  10:: o f  the coal 
mined f o r  u t i l i t y  use in the  AF9alachian Basin i s  capable.of meetina the su l fur  
dioxide emission standard of no grea te r  t h a n  1 . 2  pounds  of SO en i t ted  per 
m i l l i o n  Btu's of input energy, as shown in Fioure 2 .  F g u r p  3 a lso  i l l u s t r a t e s  
t h a t  t h e  application o f  the  ;:eyers' process f o r  p y r i t i c  s u l f u r  renioval a t  95% 
ef f ic iency  can increase the  quantity of Appalachian coa capable of meeting the 
performance standard by a fac tor  of four .  

Consideration o f  the  s u l f u r  content o f  the Aapalachian 
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The impact of the I4eyers' process on pol lut ion abatement i s  even more 
evident when consideration i s  given to  the  u t i l i t y  coals  mined i n  the Pennsyl- 
vania b i t u m i n o u s  and Maryland s t a t e  reqions. Figure 3 shows ':hat 234, of the 
as-mined u t i l i t y  coal in  (laryland i s  capable of meeting the r:?w SO2 emission 
s tandards,  while 762 o f  t i e  Maryland coal will  be able t o  meet the  standard 
a f t e r  appl icat ion of the p y r i t i c  su l fur  removal process. 

Figure 4 shows t h a t ,  i n  Pennsylvania, a ten-fold increase i n  useable steam 
coal quant i t ies  above the 5% as-mined bituminous coal which meets the Flew Source 
Performance Standards i s  achieved upon appl icat ion o f  the Meyers' Process. 

CONCLUSION 

In  ac t ive  exDerimentation funded by the Environvental Protection Aqency, 
TRW, Inc., has develoDed a bench-scale method f o r  leaching p y r i t i c  s u l f u r  from 
coal.  In t h e  Ileyers' Process, Dyrit ic s u l f u r  i s  removed by f e r r i c  s u l f a t e  
react ion w i t h  the  Dyrite i n  coal and recoverable elemental su l fur  and dissolved 
s u l f a t e  species a r e  generated. Reaction conditions of 100°C and atmospheric 
pressure a r e  envisioned, w i t h  95-100;; removal of p y r i t i c  su l fur  a r e a l i t y .  
Although the  projected operating cost  f o r  appl icat ion of this p y r i t i c  su l fur  
leachina technicue may make the orGcess a t t r a c t i v e  f o r  use i n  combination w i t h  
an independent, economically low-cost method f o r  orqanic su l fur  removal , the  
Eleyers' process f o r  p y r i t i c  s u l f u r  removal has the potential  f o r  widesoread 
produrtion o f  a clean fuel capable of meeting Standards of  Performance f o r  
New Stationary Sources, 

. 
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I NTRODU CT IO N 

Several processes for conversion o f  coal to clean fuels are underoing development 
a t  various stages. The solvent-refining of coal, a non-catalytic process under development by the 
Pittsburg and Midway Coal Mining Company for the Off ice of Coal Research, i s  an outstandingly 

to other coal conversion processes i t  requires less costly equipment and less severe operating 
conditions. It consumes less hydrogen and has no need for catalyst('). The earlier work i n  
hydrogenation of coal was directed toward production of distillate fuels and the use of catalysts 
was  found to be necessary to obtain reasonable yields. Despite improvements in catalysts and in  a 

process technology this route o f  coal conversion i s  still not economically attractive. In solvent- 
refining the coal i s  not converted to distillate fuel, but to a de-ashed, low-sulfur semisolid fuel 
resembling pitch. 

\ advantageous conversion process from the point of view of its potential economics. In comparison 

b 

The fuel product o f  this process has a very consistent heating value of 16,000 Btu 
per pound regardless of the coal feed stock to the process 
in  pi lot productions from both lignite and bituminous coal('). The principal variation i n  the product 
i s  in the sulfur content, due to the variation in  feed stock sulfur content. This arises from the I 

characteristic of the process to remove a l l  of the mineral sulfur (pyrites) and a part of the organic, 
sulfur ranging above 60%. High ash, high sulfur coals can as readily be brought to a processed 
fuel of less than 1% sulfur as a lower ash content coal having appreciable organic sulfur content. 
Typically it can be expected that overall 85% of the sulfur content o f  the coal can be removed 
i n  the processing, a 4% sulfur coal, for example, resulting in an 0.8% sulfur solvent refined coal 
a t  heating value o f  16,000 Btu per pound. 

This uniformity has been demonstrated 

. 

The process in  brief i s  to mix pulverized coal feed stock with a coal-derived solvent 
o i l  having a 550-800°F boiling range, passing the mixture with hydrogen through a preheat and 
reactor, separating excess hydrogen plus the hydrogen sulfide and light hydrocarbons formed, filter- 
ing the solution, flash evaporating the solvent and recovering the bottoms as either a hot liquid 
fuel or a cooled solid product. During the reaction phase, the hydrogen reacts with organic sulfur 
compounds forming the hydrogen sulfide. The hydrogen also stabilizes the solubilized cool products. 
The pyri t ic sulfur leaves the process in  the filtration step, as does the ash components. 
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fuel for power-gene ating utilities, since this market has been shown to be the overwhelming large 
one for this product(2). The legislation regarding atmospheric pollution w i l l  eventually restrict 
the sulfur dioxide emissions for the entire nation, and it appears that fuels wil l  be limited to sulfur 
content less than 1% i n  general and to less than 0.5% in several highly populated regions. The 
impact of  these restrictions on the direct use of coal as a power-generation fuel w i l l  be great, 
since the supplies of coal of such low sulfur content are quite small compared to the total U.S. 
qoal reserves and they are very inconveniently located relative to the power needs. The use of  
the solvent refining process, though, allows the coal supply to be used, regardless of  its sulfur 
content. When considered as a clean fuel for power generation, then solvent refined coal not only 
comes into competition with coal itself i n  conjunction with stack gas treatments, but also with 
natural gas, fuel o i l  and nuclear power. 

In th is  discussion the sole market for solvent refined coal considered i s  that of the 

DISCUSSION OF TECHNOLOGY 

The schematic o f  the recent process technology for the Pittsburg and Midway Solvent 
Refined Coal process i s  shown i n  Figure 1 . The salient aspects of the process technology as they 
affect economics are: 

o 

o the by-products: light liquid hydrocarbon, sulfur, and electrical power 

the delivery o f  the product as a solid fuel product or as a hot liquid 

o the f ly  ash or mineral residue waste 

0 hydrogen or process fuel feeds to the process. 

t h e  distinction between the solid form or liquid form of solvent-refined product i s  principally one 
of whether or not the distillation bottoms are cooled below the 3OOOF solidification point prior to 
disposition. Probably this issue wi l l  depend on whether or not the product i s  used in  an on-site or 
nearby power plant as apposed to shipping to a distant location. It has been estimated that the 
additional processing cost to solidify for shipping i s  P$/MMBtu(’). 

The liquid hydrocarbon by-product has a high cyclic content and so i s  useful as a 
petroleum refinery feed stock or as a source of aromatic organic chemicals. Since a large part of 
the nitrogen content of  the original cool winds up in this by-product, the use as a refinery feed stock 
would require additional nitrogen removal processing by the refinery. 

If the solids from the fi l tration operation are burned to obtain the heating value, 
the sulfur dioxide produced con be combined with the hydrogen sulfide from the process to produce 
elemental sulfur by a Claus-type procedure. This appears to be practical i n  this case because of 
the concentrated gas streams encountered. One to 2% of the coal feed weight i s  the hydrogen 
requirement for the process. The by-product gas can be used to form o l l  of the required hydrogen 
by steam reforming. This would eliminate the need for a hydrogen raw material input. The use of 
a part of the fuel product as process fuel would also eliminate the need for natural gas feed to the 
process. Whether or not these steps are taken i n  a given solvent-refining plant depends on local 
availabil ity o f  low cost by-product streams of hydrogen and low cost availability of natural gas. 

aya i la b i I i ty . . It i s  important to bear i n  mind that the efficient operation of this process does not require their 
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Catalytic Conversion of Coal 

.\ 
I The most recent catalytic method for converting coal to low-sulfur fuel i s  the process 

called the H-Cool Process, also under development by sponsorship of the Off ice of C b l  Research. 
This process uses a desulfurization catalyst and i s  very effective in reducing the organic sulfur content 
to levels of 0.1 to 0.2%. The process, however, i s  more costly than the solvent refining because of 
the catalyst and the internal recycle required for its use. The coordinated use of the solvent refining 
and H-Coal processes for their peculiar individual advantages has been suggested(’) and this may be 
the most economical way to ochieve very low (less than 0.5%) sulfur contents in  the fuel when re- 
quired. 

Coal Gosi fication 

Although the costs for producing synthetic gas from coal would be higher than the 
production o f  heavy fuel from coal by solvent refining, severol o f  such coal gasification processes 
are now being developed. The hydrogen requirements ore greater and the processing conditions more 
severe for these. The gas fuel product from such a process w i l l  very l ikely compete as a premium fuel 
with natural gos ond wi l l  not be i n  primary contentotion for the bulk of the power generation fuel 
needs. 

Degree of Sulfur’ Reduction 

The present state o f  development of the solvent refining process allows for about 85% 
of the sulfur i n  the feed coal to be removed. Al l  of the pyri t ic sulfur and some 60170% of the organic 
sulfur i s  removed. On the type of coal that i s  very common i n  which the sulfur i s  roughly 50-50 in 
these two forms, the final product sulfur content i s  well below 1%, of the order o f  0.8%. Further 
reduction of the organic sulfur content by ut i l iz ing greater quantities of hydrogen than i n  the present 
design i s  believed possible(3), although in the extreme this merges with the catalytic processes such 
os the H-Coal . 

PROJECTED ECO NOMlCS 

Solvent-refined coal as a low sulfur fuel for power generation would compete primarily 
with such other energy sources as fuel oil, gas and nuclear power, OS well as with coal itself fired in  
boilers served by stack gas treatment processes. The latter, a much studied method of combuting 
pollution from combustion of coal, i s  an awkward expedient t o  permit the extended use of high sulfur 
coals. The principal reason for this i s  that the electric power companies should not be nor do they 
desire to be i n  the chemical production and marketing business, which i s  the natural outcome of using 
a stack gas treatment process on a coal-fired boiler and having to  dispose o f  the wastes and by- 
products. It makes far more sense for the chemical processing industry to provide low sulfur fuel from 
efficient, optimal ly-located, and optimally-sized coal conversion plants. 

There are two obvious strategies for carrying out this processing-distribution sequence. 
One i s  the location o f  a solvent-refining plants at minehead sites more or less centrally located to 
the principal marketing areas, to  which the product i s  shipped as a solid fuel. The other i s  to have 
consolidated minehead processing plants ond power generating facilities in regions where both the 
coal supplies and the power requirements are in reasonable conjunction. The latter type of faci l i ty 
could, of course, also furnish solid fuel for shipment. 



30 
Proiection of Demand for Fossil Fuel for Power Generation 

Projections o f  electric power generation anticipate growth i n  fossil fuel consumption 
through the next two decades(3). As shown in Table I, the total expected use of fossil fuels should 
grow from 13.6 x 1015 Btu i n  1970 to 19.5 x 1015 Btu i n  1980 and to  25 x 1015 Btu i n  1990, nearly 
a doubling in two decades. 

Table I. Fossil Fuel Projection for Electric Power Generation 

1990 - - - 1970 1980 

Coal, 10l5 Btu 
Oil, 10l5 Btu 
Gas, 10l5 Btu 
Total, 1015 Btu 

8.1 12.5 16 
2.1 4.0 5 
3.4 3 .O 4 
13.6 19.5 25 

Growth i s  expected i n  both coal and oil, but not in  gas. In fact an actual decline 
in  gas use i s  projected between 1975 and 1980, and the whole rate o f  growth o f  gas use wi l l  fall 
of f  dramatically after the vigorous growth prior to  1970. 

The Federally mandated emission standard for new and modified fossil solid fuel- 
, fired steam generators with capacity exceeding about 25 megawutts (equivalent) for construction 

commenced after August 17, 1971 i s  1 .2 pounds o f  sulfur per million Btu. This corresponds to roughly 
0.8% sulfur in  a high heat content coal and about 0.4% for lignite. Even the vast Western coals of 
markedly low sulfur content are unsuitable for this without further control efforts. Thus essentially 
all of the coal market for power generation i s  potentially available t o  a sulfur-reduced coal product 
such as solvent refined coal at some not too distant time in  the future. Looking at the fossil fuel 
market for i t s  potential i n  regard to  solvent refined coal production leads to the possibilities shown 
in Figure 2. In view o f  the recent cost studies o f  solvent refined c ~ a I ( ~ r ~ )  a sales price range o f  
50 to 100 cents per million Btu seems to  be within a reasonable range. The projections of market 
potential through 1990 at  prices in this range are shown on two assumptions: the limiting one i n  
which a l l  the fossel fuel market for power generation i s  captured and the more reasonable one which 
sizes the market a t  that estimated for coal. A vast sales market ranging between about 4 and 25 
billions o f  dollars i s  potentially available to the investors,in such a process. 

Oil Prices for Power Generation 

A feasible range o f  price for solvent refined coal can be inferred by examining the 
price range o f  competitive low sulfur fuels for power generation. Low sulfur fuel oils are currently 
in great demand for power generation i n  highly populated areas and the demand should, if anything, 
intensify in  upcoming years. Recent quotations of o i l  prices i n  several locations(5) have been put 
on a consistent fuel basis of cents per mil l ion Btu in  Table II. 

Table 1 1 .  Current Price Variation i n  Oil for Power Generation 

Locat ion % Sulfur 

New York 0.3 max. 
0.5 max. 
1 .O max. 
Bunker C 

Price, C/MMBtu 

73 
69 
61 
53 
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Toble It. Current Price Variation i n  Oil  for Power Generation (Cont .) 

Locotion % Sulfur Price, C/MMBtu 

Ch icogo 1 .O max. 75 
1.25 mox. 73 
1.5 mox. 71 

0 k Io homo over 1, under 2 40-42 

It i s  well to note the effect of supply and demand in the prices in  Toble II. In Oklahoma, the 
demond for o i l  for power generotion i s  n i l  becouse gas i s  used for 0 1 1  power plants. Residuol o i l  
from Substitute Natural Gas plonts has been valued at 57-60 C/MMBtu at the plant. Based on 
these facts, very low sulfur residual o i l  con be valued at 66-69 C/MMBtu currently at the ports. 
Delivery costs ore superimposed on these. 

The effect on future prices of processing to desulfurize residual oils can be estimated 
by using processing data for the hydrodesulfurization process@). Operating cost data vary between 
7 to 19 C/MMBtu to reduce to the 1% sulfur level on the type of residual o i l  feed stock, wi th  
vocuum residual oils consuming the most hydrogen and hence having the highest operating costs. 
The above figures do not include a return on investment. Nevertheless we could expect o desul- 
furized residuol o i l  product at obout the 1% sulfur level to be no less than 50 C/MMBtu at a low 
demond location l ike Oklohomo and to be ot least 65 C/MMBtu at o high demand seacoast location 
like New York. With increased legislative pressure on low sulfur fuels in  the future the price ot the 
power plant that most of the major utilities burning fuel o i l  w i l l  face seems to  certainly be i n  the 
70-100 C/MMBtu range at current dollar values. This helps to define a competitive price range for 
solvent refined cool product for such use. 

lmoact of the Bv-Product Sulfur From Processina of Coal 

The supplies o f  natural low-sulfur fuel w i l l  clearly not be equal to  the demands upon 
them i n  the upcoming decades. The desulfurization of o i l  and coal by one or another meons must 
make up the deficit. If we look at the recent experience in  coal use with regard to sulfur content os 
shown i n  Figure 3, we see thot the amounts of sulfur to be removed wil I be considerable. The weight- 
averaged sulfur content of all the coal fired to power generation in  1969 was 2.6%(3) and we can 
assume thot the cool mined i n  the future i f  an economically feasible desulfurization process i s  being 
used wi l l  not be lower than this experience. I f  the overall sulfur content allowed in solid fuels i s  
reduced to an average of 0.6% of the weight of cool used i n  1990, the by-product sulfur generoted 
by desulfurization of coal w i l l  rise in  the vicinity of 12-13 million tons in 1990. This figure i s  
sufficiently high to moke the recovery of significant economic volue by sale of sulfur improbable on 
the whole. The sulfuric acid market, the principal use of sulfur, recently consumed about 9 million 
tons o f  sulfur, so the existence of by-product sulfur of the quantities possible are certain to  cause 
them to be stockpiled and not sold in any significant quantities at current price levels. So it would 
seem that no credits for sole of sulfur by-product should be taken i n  realistic projection. 

Elements of Cost Pertaining to Solvent Refined Coal Price 

The estimation o f  selling price of solvent-refined coal product has been undertaken 
for a mineheod plant i n  the Ohio-Illinois-Kentucky area on a 10,000 ton per day bosis(l, '). The 
most recent price estimotes range from 41 C/MMBtu where a l l  by-products are sold, to 47 C/MMBtu 
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where none are sold. In the latter case the light liquid by-product i s  combined with the solvent 
refined coal for sale in  the power plant fuel product. These prices do include o return on investment 
but no transportation charges. The annuol sulfur by-product sale at $10 per ton we believe to be 
unrealistic for the long run in which the sulfur market i s  glutted with pollution control induced sulfur. 
Reducing the credit for by-products by this amount increases the necessary FOB plant selling price for 
the optimistic case to 42 C/MMBtu. The elements of cost that these estimates cover are: mining, 
solvent refining, and return on investment. 

The transportation o f  product to the user i s  a widely variable cost element. A power 
plant located at the minehead-processing plant site would have effectively no transportation cost. i 

4 
Rail transport of solid product would probably experience the same costs as coal itself('). This con 
be estimated in l ieu of specific foreknowledge o f  rail rate schedules through 1990 as 1 
As on extreme but nonetheless typical example of current costs to ship coal, low sulfur western coal 
i s  currently being shipped to New Jersey at a cost of $22 per ton, which corresponds closely to 1 C 
per ton-mi le.  

per ton-mile. 

In a system of well-located processing plants, shipping i n  excess of 500 miles probobly 
would not be necessary in  most cases. The users remotely located from the processing plant would then 
pay an additional 3-17 C/MMBtu for the solid product delivered to the power plant, which includes a 
cost to solidify the product for shipment. This raises the total estimated price for solid product from 
44 C/MMBtu at the plant to 45-64 C/MMBtu delivered. 1 

Versus low sulfur o i l  as a competitive fuel, the local delivered price situation would 
determine the competitive balance. For example in the Chicago area where low sulfur fuel oils ore 
selling for 71-75 C/MMBtu, the solvent refined coal could be furnished from the aforementioned hypo- 
thetical plant for 53-57 (/MMBtu. 

. 

However on seacoast locations such os New York, the Gulf Coast and the west coast, 
low sulfur fuel o i l  could be currently obtained in the 61-73 C/MMBtu region. For the east coast, a 
mine-processing plant complex in West Virginio could deliver solvent refined coal for 53-65 C/MMBtu 
at most population and industrial centers, which i s  certainly competitive. However the longer trans- 
portation distances between a plant i n  the Wyoming area and the west coast areas would probably be 
less attractive in  comparison to delivered fuel o i l .  

Coal Costs 

One cost element i n  the production of solvent refined coal that i s  l ikely to increose 
noticeably in the future i s  the cost of mined coal. This i s  due to several factors including increased 
labor cost and increased investment for mine safety. A minehead selling price for coal of $6 per ton 
seems realistic for the near future, which i s  about 24 C/MMBtu for a good quality coal. Adjusting 
the estimated solvent refined coal prices for this raw moterial cost would raise the price about 15 C/ 
MMBtu. Adjustment for th is higher coal cost would bring the estimated selling price of a solvent 
refined coal ut i l i ty  fuel to  56-63 C/MMBtu at the plant location, and to  59-94 c/MMBtu delivered, 
s t i l l  well within a competitive range for low sulfur fuels even under present day price experience. 

When selling in competition with coal itself in  conjunction with tack gas treatment, 
the cost of the raw material cool i n  solvent refined coal i s  essentially irrelevant"). The principal 
considerations are the lower transportation cost per MMBtu and the reduced investment and rnainte- 
nance at the power plant with the SRC. In  a similar way, the relative position between SRC and 
'other coal-derived fuels would not shift principally due to coal cost. 
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Projected Market for Solvent Refined Coal 

By considering efficient solvent refined coal plants at four U. S. locations; West 
Virginia, southern Illinois, Wyoming, and New Mexico, and examining the projected competitive 
price per million Btu for the several fossil fuels and derivative fuels in low sulfur emission power 
plont use, we projected the fractions o f  the potential market shown in  Figure 2 that could be obtained 
by SRC by virtueofprice. These market projections are given in  Figure 4 over a range o f  SRC selling 
prices at the processing plants from 50 to lOOC/MMBtu. The mid-range selling price o f  75C/MMBtu 
should yield amarket o f  about 300 million tons i n  1980 and 550 million tons in 1990. This selling price 
also seems to be the optimum in 1990 for sales dollar volume. 

\, 

CONCLUSION 

The continued wide use of coal i n  the United States as a fossil-fuel source of energy 
for power generation i s  inescapable in  the upcoming decade and beyond. O f  the several developing 
processes for producing clean fuels from coal, solvent refining i s  the most simple and economical. SRC 
can be used as either o solid or a liquid fuel and has been estimated to  capture a very large market in 
direct competition with other low sulfur forms o f  fossil fuels in power generation. 
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Production of  Low Sulfur Fuel Oils From Utah Coals 
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> In  t roducti on : 

tSdrogenation i s  one of the potential methods of  oroducing f e l  oi l  from 
coaJh. Coal can be hydrogenated t o  fuel 811 t n  the  form of a pasteY, in ebulating 

at ion,  coal was hydrogenated in batch and di lute  phase systems t o  prod! .-e o i l .  
The coal o i l  was desulfurized in  fixed and ebulating bed reactor system t o  produce 
low sulfur  fuel o i l s .  
cent su l fu r  are presented i n  t h i s  comunication. 

Experimental 

, bed reactors, fixed beds3 and f lu id  bed reactor sys tem.  In the present investig- 
t 

The economics of producing fuel o i l s  w i t h  0.5 and U.25 per- 

Coal was hydrogenated in b a t c h  and semicontinu us4 sys tem using ginc Chloride 

Product evaluations were done by standard mthods. 

as catalyst .  The coal o i l  was desulfurized in fixed g and ebulating bed reactor 
system using a pelleted catalyst  containing sulfides of nickel and tungsten sup- 
ported on alumina. 

Results and Discussion 

Hydrogenation was carried o u t  a t  a temperature of 5OO0C, i n i t i a l  hydrogen pressure 
of 2000 psi and reaction times up t o  90 minutes. The results show t h a t  a t  a coal 
conversion of about 80 percent, the r a t i o  of o i l  t o  gas yields  will  be about three 
and 23 percent of the coal sulfur  wil l  show up w i t h  o i l .  The data given i n  Table 
I1 indicate that  the su l fu r  content of the o i l  remains almost same a t  different 
coal conversion levels.  The su l fu r  content of  the o i l ,  probably, depends upon 
the organic sulfur  content of the coal. The data given in Tables I and I1 were 
obtained from a coal containing about 0.6 t o  0 .7  percent organic sulfur .  

genation system4 are given in Table 111. 
containing about 2.5 percent t o t a l  sulfur .  
be directly used as a fuel o i l  in  places where one percent su l fu r  i s  tolerated.  
A 0.5 percent su l fu r  oi l  can be produced by desulfurization o f  e i t h e r  whole o i l  o r  
the t3OO"C fraction. 
the whole oi l  may have t o  be desulfurized. 

The whole oi l  and +3OO0C fraction were desulfurized i n  bench scale fixed and 
ebulating bed reactor systems and the product distributions obtained are shown i n  
Figures 1 and 2. The data show tha t  fuel oi ls  containing about 0.2 percent sulfur  
can be made by desulfurization of e i t h e r  the whole o i l  or the +300"C fraction. As 
the su l fu r  content of the product o i l  decreases, there will  be an increase in the 
yields of low boiling o i l ,  gas and coke. A comparison of the data indicates t h a t  
the fixed bed system produces more gas and coke when conpared t o  the ebulating 
bed system irrespective of the type of feed oi 1 used. 

o i l  from coal was calculated (Table I\!\ ddsed on the bench scale  data obtained by 
the authors and the published data available. 

The p roduc t  distributions obtained i n  the batch work are given in Table I .  

I 

i 

The properties of the o i l  obtained i n  the semicontinuous di lute  phase hydro- 
These oi ls  were prepared from a coal 

The d a t a  shm t h a t  the whole oil  can 

I I f  a fuel o i l  of less than 0.5 percent su l fu r  i s  desired, 

A conceptudl material balance of a r e f i w r y  producing 100,000 BBL/day of fuel 

In th i s  projection, a coal containing 
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7.5 oercent moisture, 10 pcrcent ash and about 2.5 ocrcent t o t a l  su l fu r  i s  used 
as the feed. 
i n  t!ie tenperature range of 5nO" - 550°C and a pressure ranne of 20017-3Or)O psi. 
The Drocess conditions wi l l  be ontimized fo r  a coal conversion of about 81 ner- 
cent. The hydrocarbon gases produced i n  the process wi l l  be  used fo r  makina 
process hydrogen. TIie residual char will  be used as a fuel.  Baser! on the conceDtu- 
a1 data,  a or2liminary economic evaluation of t'le T)rocess f o r  makina fuel o i l s  of 
0.50 and 0.23 percent su l fu r  was made (Table V ) .  
apnroximate eneray and material balances and estimated equipment costs. The data 
indicate t h a t  fuel o i l s  can he produced from coal by hydrogenation a t  a manufactu- 
r i n g  cost  o f  about 5-6 dollars per barrel. 
t h e  cos t  o f  reducing the su l fu r  content of fuel of 1 from q.5 t o  0.25 percent wi l l  
b e  about 30-40 cents per barrel. 

Ac kn ow 1 e dg mn t 

Utah. 
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Tile hydrogenation can be carried out in any type of reactor system 

The calculations were based on 

The d a t a  (Figure 3) also s h o ~  tha t  

This work was supported by the Office of Coal Research and the University of 

Table I .  Sulfur Distribution In Products 
Sul fur  Content of Coal: 1.31% 

Coal Conversion, U t .  % Product Yield, Wt. % Sul fur  D i  s t r i  b u t i  on ,Wt . 5 
Oi 1 Gas Char Oi 1 Gas Char 

41 36 5 59 16 3 75 
52 43 9 48 18 10 72 
61 51 10 39 2') 13 67 
73 57 16 27 22 16 62  
81 61 20 19 23 17 60 

Table 11. Sulfur D i s t r i b u t i o n  i n  Oil 
Coal Conversion, W t .  % Sulfur C o n t e n t  o f  Oil ,  Wt. :: 

41 0.53 
52 0.54 
€1 . .  0.52 
73 0.51 
81 0.52 

I 
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Table I11 Analysis o f  Coal Oil and I t s  Fractions 
--?STT&~ Content of Coal = 2 . 5 ~ -  

I Distribution, Vol.  % 
1 Sulfur ,  !I t .  2 

:.litrogen, Wt. i’i 
Oxygen, !dt. % 
H/C (Atomic) 
Asphaltene, Vol. % 

C 

I 

Whole Oil -3WIOC Fraction +3’13OC Fraction 
4 2 . 0  52.9- 

-__ 
100.0 

1.01 
1.22 
5.65 
1.09 

26.5 

--- Table IV. Material Balance 
Capacity : 100,000 BSL/Day o f  Fuel O i  1 

Sulfur  Content o f  Fuel O i l ,  W t .  % 

Raw Platerials ’ 
Coal, Tons 
Iiydrogcn, MM SCF 
Catalyst , Tons 

Products 
C1 - C4 Gases, MM SCF 
:laahtha, BBL 

, Fuel Oil ,  B B L  
Char, Tons 
Sulfur ,  Tons 
Ammonia, Tons 
Water, I44 Gallons 

0.49 
0.65 
4.54 
1.25 

10.5 

0.50 

39,500 
1,073 

732 

271 
36,280 

8,052 
175 
350 

100 ,on0 

1.1 

Table V. Economic Summary 
C a p a ~ t ~ 0 0 , 0 0 0  B G L / D a y  of Fuel Oil 

Sulfur  Content, Wt. Z 
Fixed Capital 
Working Capital 
Total Revenue 
Fuel Oil Price: 

$5/BBL 
56/86 L 
$7/BBL 

Total Operating Cost 
Rate o f  Return % 
Fuel Oil Price: 

$5/BBL 
$6/BBL. 
$7/BBL ’ 

0.50 
312 
31 

238 
271 
30 4 
194 

6.9 
12.2 
17.5 

1.53 
1.31 
6.57 
0.96 

39.6 

0.35 

43,500 
1,275 

80 9 

31 7 
n 9 , m  

lo? ,9r)r) 
8,POr) 

175 
350 

1.1 

0.25 
344 
34 

26 1 
23a 
32 7 
224 

5.4 
10.2 
15.0 
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HYDRODESULFURIZATION OF RESIDUALS 

A. A. Gregoli and G. R. hartos 

C i t i e s  Service Research and Development Company 
Cranbury , New Jersey 

INTRODUCTION 

Since the f i r s t  commercial H - O i l  U n i t  came on-stream a t  Lake Charles i n  
1963, a v a r i e t y  o f  feedstocks have been processed -- inc lud ing  heavy cyc le  o i l s ,  
atmospheric bottoms, vacuum bottoms and c’utback propane deasphal t e r  bottoms. 

ca ta l ys ts  and i s  being expanded t o  6,000 BPD. 

signed fo r  hydrocracking. 
u t i l i z e d  f o r  desu l fu r i za t i on .  
Service Lake Charles Uni t .  

The U n i t  has operated successfu l ly  w i t h  both microspheroidal and extrudate 

Besides the Lake Charles H - O i l  Un i t ,  three other  comnercial u n i t s  were de- 
The u n i t s ,  though designed f o r  hydrocracking, can be 

That i s  now the  primary o b j e c t i v e  f o r  the C i t i e s  

LAKE CHARLES H-OIL EXPERIENCE 

The H - O i l  Un i t  was designed t o  convert 2,500 BPD o f  West Texas Sour Vacuum 

I n  l a t e  1966 and e a r l y  

S u l f u r  was 

Bottoms i n t o  l i g h t e r  products.’ 
lower value feedstock, cutback propane deasphal t e r  bottoms. 
1967 a commercial demonstration o f  res idual  d e s u l f u r i z a t i o n  was made, feeding West 
Texas Atmospheric Residuum. The demonstration run was q u i t e  successful.  
reduced from 2.5 t o  3.0 weight percent i n  the feed t o  0.3 t o  0.5 weight percent i n  
the product. 

From 1963 t o  1967 a 1/32-inch extrudate c a t a l y s t  was used. I n  1967 r e l a -  
t i v e l y  minor mod i f i ca t i ons  were made t o  accommodate a microspheroidal f i n e  ca ta l ys t .  
This e l iminated the need f o r  t he  i n t e r n a l  recyc le pump p rev ious l y  requ i red  t o  supply 
the l i q u i d  v e l o c i t y  necessary f o r  bed expansion. Operating and performance data 
have been described prev ious ly .  3’ 

t h i s  pe r iod  the feed was West Texas Sour Vacuum Bottoms cutback w i t h  20% heavy cyc le  
o i l .  I n  the l a s t  f e w  months o f  operat ion w i t h  the f i n e  ca ta l ys t ,  conversion o f  
vacuum bottoms t o  d i s t i l l a t e  ranged from 55% t o  75%, w i t h  75% t o  80% s u l f u r  removal. 
The performance of the microspheroidal o r  f i n e  c a t a l y s t  has been demonstrated t o  be 
equiva lent  t o  the performance o f  the 1/32-inch extrudate. The u n i t  was expanded 
from 2,500 BPD capacity t o  6,000 BPD. I t  was necessary t o  re tu rn  t o  the extrudate 
c a t a l y s t  a t  the h ighe r  feed r a t e  t o  avoid excessive expansion o f  t he  c a t a l y s t  bed. 

FACTORS AFFECTING DESIGN 

La te r  i t  was found poss ib le  t o  process a heavier 

Ca ta l ys t  usage was approximately 0.05 lbs/bb l  . 

From 1967 through 1971 the u n i t  operated w i t h  the f i n e  ca ta l ys t .  During 

A number o f  design fac to rs  must be considered when d e s u l f u r i z i n g  res ids.  
These are caused by: (1)  the complex feedstock cha rac te r i s t i cs ,  (2)  the tendency 
t o  deposite m e t a l l i c  i m p u r i t i e s  and coke on the c a t a l y s t ,  (3) the requi red operat ing 
seve r i t y ,  (4) the ex ten t  and d e s i r a b i l i t y  o f  concurrent react ions,  such as hydro- 
cracking, and the r e l a t i v e l y  h igh  hydrogen consumption and design considerations 
given t o  the heat  released. 

FEEDSTOCK CHARACTERISTICS 

Several important feed c h a r a c t e r i s t i c s  considered i n  H - O i l  d e s u l f u r i z a t i o n  
are: 
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1. The character  o f  the residuum, i.e., whether 

vacuum, atmospheric, deasphal t e r  bottoms, 
cracked t a r s ,  blends, e t c .  

2. The asphaltene and metal content. 

3. The s u l f u r  l e v e l  and degree o f  desu l fu r i za t i on  

These feed ' cha rac te r i s t i cs  u l t i m a t e l y  i n f l uence  the se lec t i on  o f  operat ing 
temperature, hydrogen p a r t i  a1 pressure, space v e l o c i t y  , and ca ta l ys t  type and usage. 

requi  red. 

CATALYST 

Microspheroi dal and ext rudate ca ta l ys ts  have been used commercially. 
These ca ta l ys ts  c o n s i s t  o f  a combination o f  metals such as cobal t  and molybdenum or 
n i c k e l  and molybdenum on an alumina support. 
1/32-inch extrudate performs3 b e t t e r  than a 1/16-inch e ~ t r u d a t e . ~  The most a c t i v e  
c a t a l y s t  i s  the one w i t h  the g rea tes t  surface 

a c t i v a t i o n .  The deac t i va t i on  r a t e  i s  in f luenced by feedstock cha rac te r i s t i cs ,  c a t -  
a l y s t  cha rac te r i s t i cs  and opera t i ng  seve r i t y .  

OPERATING CONDITIONS FOR RESIDUUM DESULFURIZATION 

An e a r l i e r  pub l i ca t i on  repor ted t h a t  a 

Organometall ic compounds i n  the feed are the primary cause o f  ca ta l ys t  de- 

Temperature, space v e l o c i t y  , hydrogen p a r t i a l  pressure and c a t a l y s t  consump- 
t i o n  are the  essent ia l  operat ing condi t ions considered i n  res idual  desu l fu r i za t i on .  
These normal ly  range f rom 700 t o  8OO0Fy6 0.3 t o  3.0 V/Hr/V,8 and 0.02 t o  1.0 lbs/bb l  
respec t i ve l y .  
on judgment and economic considerations. 

DES I GN CONS I DE RAT IONS 

The ranges do n o t  necessar i ly  represent technica l  l i m i t s  b u t  are based 

The reac t i on  i n  residuum d e s u l f u r i z a t i o n  i s  exothermic. I n  the ebu l l a ted  
bed the reac to r  i s  isothermal. 
below the  reactor  temperature. 

o u t  causing a pressure bui ldup.  
by adding and withdrawing c a t a l y s t  w h i l e  on-stream. Constant c a t a l y s t  replacement 
gives the  re f i ne r  f l e x i b i l i t y  when changing feedstock. 

With the f i n e  c a t a l y s t ,  the v e l o c i t y  requi red t o  expand the c a t a l y s t  i s  
achieved by the f l o w  o f  the l i qu id -gas  feed mixture passing upward through the reac- 
t o r . 4  Ca ta l ys t  i nven to ry  and bed expansion are e s s e n t i a l l y  a func t i on  o f  the c a t a l -  
y s t  p a r t i c l e  size and densi ty ,  l i q u i d  v i scos i t y ,  and l i q u i d  and gas ve loc i t i es .  
a l y s t  i s  added w i t h  the feed and leaves w i t h  the product. 

The extrudate c a t a l y s t  requi res h ighe r  l i q u i d  v e l o c i t i e s  than the f i n e  
c a t a l y s t  t o  mainta in  the des i red bed expansion. The l i q u i d  v e l o c i t y  i s  provided 
by r e c y c l i n g  a por t i on  o f  t he  e f f l u e n t  back t o  the i n l e t .  
pump can be l oca ted  i n t e r n a l  o r  ex te rna l  t o  the reactor .  

The temperature i s  c o n t r o l l e d  by charging the feed 

Sol ids e n t e r i n g  w i t h  the feed pass through the expanded c a t a l y s t  bed w i t h -  
Cata lyst  a c t i v i t y  and product q u a l i t y  are maintained 

Cat- 

The recyc le o r  e b u l l a t i n g  

H-OIL DESULFURIZATION COSTS 

A wide v a r i e t y  o f  atmospheric and vacuum res iduals  can be desul fur ized US- 
i n g  the H - O i l  Process. 
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Costs f o r  d e s u l f u r i z i n g  Kuwait Atmospheric, Kuwait Vacuum, K h a f j i  Atrno- 

spher ic  , K h a f j i  Vacuum, Venezuelan Atmospheric and Venezuelan Vacuum Residuals are 
presented. These feedstocks were se lected because they are representat ive o f  d i f f e r -  
e n t  types o f  crudes. 
of a h igh s u l f u r  and low metals crude w i t h  moderate g r a v i t y  and asphaltene content. 
The K h a f j i  Atmospheric and Vacuum Residuals r e f l e c t  a h igh  s u l f u r  and moderate metals 
crude w i t h  moderate g r a v i t y  and h igh asphaltene content, 
and Vacuum Residuals are representat ive o f  a low s u l f u r  and h igh metals crude w i t h  
moderate g r a v i t y  and h igh asphaltene content. 

Figure 1 shows 975"F+ conversion and chemical hydrogen consumption varying 
w i t h  s u l f u r  i n  the 4OO"Ft f u e l  o i l  product. 
gen consumption and 975"Ft conversion vary i n v e r s e l y  w i t h  product s u l f u r  content. 
add i t i on ,  the h igh  metals ( o r  Venezuelan feedstocks) experience the  h ighest  increase 
i n  conversion and hydrogen consumption when going t o  lower s u l f u r  l e v e l s  - fo l lowed 
by K h a f j i  and then Kuwait, respect ive ly .  As expected the vacuum res idual  feeds con- 
sume the m s t  hydrogen and represent the h ighest  conversion operations. 

Figure 2 i s  a graphical presentat ion of the processing costs f o r  the feed- 
stocks considered. The costs represent 1971 d o l l a r s  and inc lude  f u e l  , power, labor ,  
supervision, overhead, water, c a t a l y s t  and hydrogen. 
the r e l a t i v e  costs f o r  d e s u l f u r i z i n g  the res idua l  feedstocks considered. The econom- 
i c s ,  though accurate f o r  t h i s  purpose, may n o t  be s p e c i f i c  enough f o r  a given company, 
because the costs do n o t  r e f l e c t  a r e t u r n  on investment. As i s  w e l l  known an accept- 
ab le r a t e  o f  re tu rn  on investment d i f f e r s  between companies. 

s i v e  t o  process o f  the s i x  stocks. 
s i v e  fo l lowed by K h a f j i  Vacuum, Kuwait Vacuum, K h a f j i  Atmospheric and Venezuelan A t -  
mospheric, respect ive ly .  
increase i n  operat ing costs when going t o  lower  s u l f u r  l eve l s .  

SUMMARY 

were shown t o  be equa l l y  successful.  
s i dua l  d e s u l f u r i z a t i o n  i nc lude  the feed c h a r a c t e r i s t i c s  , c a t a l y s t  c h a r a c t e r i s t i c s  
and operat ing seve r i t y .  
s u l f u r i z a t i o n  was presented. 
date c a t a l y s t  were reviewed. 
t i o n .  

Un i t s  have been l icensed t o  the  Kuwait National Petroleum Company, Humble O i l  and 
Refining Company, Petroleos Mexicanos and C i t i e s  Service O i l  Company. 

The K w a i t  Atmospheric and Vacuum Residuals are representat ive 

The Venezuelan Atmospheric 

It i s  apparent from Figure 1 t h a t  hydro- 
I n  

F igure 2 i s  intended t o  show 

As would be expected, the Kuwait Atmospheric Residual i s  the l e a s t  expen- 
The Venezuelan Vacuum Bottoms are the most expen- 

I n  addi t ion,  the Venezuelan stocks show the h ighest  r a t e  o f  

Commercial H - O i l  experience using 1/32-inch ext rudate and f i n e  c a t a l y s t s  
Important design parameters considered i n  r e -  

The range o f  operat ing condi t ions employed f o r  residual de- 
Process design considerations using the f i n e  o r  ext ru-  
The most a t t r a c t i v e  system w i l l  depend on each appl ica-  

The cos t  o f  desu l fu r i z ing  Middle East and Venezuelan feedstocks were presented. 

The H - O i l  Process was developed by C i t i e s  Service Research Incorporated. 
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INTRODUCTION 

b u s t i o n  of f u e l s  i s  d i r e c t e d  p r i m a r i l v  a t  h i a h  s u l f u r  c o n t e n t  
c o a l  and r e s i d u a l  f u e l  o i l  [l] . O f  t h e  f o u r  b a s i c  s o u r c e s  o f  
nr imary  enerqy ,  heavy f u e l  o i l  may be  t h e  b e s t  hone f o r  mee t inF  
s h a r n l y  i n c r e a s i n g  energv demands i n  t h e  n e a r  f u t u r e  [2]  . The 
above two f a c t o r s  combined, l e a d  t o  s i g n i f i c a n t  i n t e r e s t  i n  
methods of heavy f u e l  o i l  d e s u l f u r i s a t i o n .  One method f o r  r e -  
movinFr, s u l f u r  from f u e l  o i l  i s  t r i c k l e - b e d  h y d r o d e s u l f u r i s a t i o n .  
Hydrogen and o i l  a r e  nas sed  c o c u r r e n t  downflow over  a f i x e d  bed 
of c a t a l y s t  a t  e l e v a t e d  t e m n e r a t u r e s  and n r e s s u r e s .  Th i s  aunroach  
has  r e c e n t l y  been commercial ly  proven [ 3  ] . H y d r o t r e a t i n g  of 
res iduum o i l s  i n  t h i s  way h a s  r e v e a l e d  t h e  n re sence  of  (un-  
d e s i r a b l e )  d e m e t a l l a t i o n  r e a c t i o n s  t a k i n g  n l a c e  i n  n a r a l l e l  
w i t h  t h e  d e s i r e d  d e s u l f u r i s a t i o n  r e a c t i o n s  [ 4 ]  . Organometa l l ic  
c o n s t i t u e n t s  of  t h e  o i l ,  n r i m a r i l y  vanadium, n i c k e l  and i r o n ,  
r e a c t  o u t  of  t h e  o i l  and combine w i t h  hydrogen s u l f i d e  t o  
Droduce s o l i d  d e p o s i t s  of  metal s u l f i d e s .  The d e n o s i t i o n  o f  
t h e s e  r e a c t i o n  p r o d u c t s  occur  b o t h  i n t e r  and i n t r a - n a r t i c l e .  
The i n t r a - n a r t i c l e  d e n o s i t s  d e c r e a s e  t h e  e f f e c t i v e  d i f f u s i v i t y  
o f  t h e  c a t a l y s t  p a r t i c l e s  f o r  d e s u l f u r i s a t i o n ,  t h u s  caus ing  
d e a c t i v a t i o n  by a pore-Dlugging mechanism [ 5 ]  . I n  t h i s  
e a r l i e r  Oaner approximate  methods were o u t l i n e d  t o  u r e d i c t  
c a t a l y s t  l i f e  f o r  v a r i o u s  f eed - s tocks  a t  a n a r t i c u l a r  l i a u i d  
hour ly  sDace v e l o c i t y  (LHSV) and d e s u l f u r i s a t i o n  conve r s ion .  
However, D r e d i c t i o n s  were based  on p o r e  d i f f u s i o n  t h e o r y ,  
i n i t i a l l y  deve loped  by T h i e l e  [6] , s o  t h a t  no n a r t i c u l a r  
po re  model was r e q u i r e d .  T h i s  meant t h a t  c a t a l y s t s  w i t h  
d i f f e r e n t  p o r e  s i z e  d i s t r i b u t i o n  could  n o t  be  ranked f o r  de-  
s u l f u r i s a t i o n  per formance .  I n  a d d i t i o n ,  no re  nlugginp, e f f e c t s  
were averaged ove r  t h e  e n t i r e  r e a c t o r  l e n g t h .  A b e t t e r  annroach 
would b e  t o  l o o k  more c l o s e l y  a t  t h e  t o n  o f  t h e  r e a c t o r  where 
t h e  me ta l s  d e p o s i t i o n  r a t e  i s  g r e a t e s t .  I f  n o r e  n l u c e i n g  by 
m e t a l s  i s  cons ide red  t o  be t h e  D r i m a r y  mode of  c a t a l y s t  d e a c t i v a -  
t i o n ,  t h e  d e a c t i v a t i o n  wave would p robab ly  beg in  a t  t h e  t o n  
o f  t h e  bed and t h e n  sween down t h e  r e a c t o r .  

h y d r o d e s u l f u r i s a t i o n  by a Dore-plugging mechanism i n  combinat ion 
w i t h  coking e f f e c t s . S i m a l e  c a t a l y s t  Dore s i z e  d i s t r i b u t i o n s  a r e  
compared i n  d e s u l f u r i s a t i o n  s e r v i c e .  P rocess  c o n d i t i o n s  are 
v a r i e d  t o  show t h e i r  i n f l u e n c e  on c a t a l y s t  l i v e s .  P r e d i c t i o n s  
are compared w i t h  some a v a i l a b l e  commercial d a t a .  

The r e g u l a t i o n  of  s u l f u r  ox ide  emis s ions  from t h e  com- 

This  pape r  c o n s i d e r s  c a t a l y s t  d e a c t i v a t i o n  i n  res iduum 

PROPOSED MODEL FOR CATALYST DEACTIVATION 
The pore-Dlugginq concept  was DrODOSed some y e a r s  

ago by Hiemenz 
on f r e s h  and used c a t a l y s t  n e l l e t s . B e u t h e r  and Schmid [ 8 ]  
comDared t h e  e f f e c t s  o f  coke d e p o s i t s  on t h e  n h y s i c a l  n r o a e r t i e s  
of v a r i o u s  HDS c a t a l y s t s .  By comparing t h e  s u r f a c e  areas and 
po re  s i z e  d i s t r i b u t i o n s  of  f r e s h  and s n e n t  c a t a l y s t s ,  i t  was 
shown t h a t  t h e  ave rage  u o r e  r a d i u s  was reduced  on ly  s l i g h t l y  

[ 7  3 on t h e  b a s i s  o f  gas  n e r m e a b i l i t y  measurements 
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and t h a t  t h e  po re  s i z e  d i s t r i b u t i o n  ma in ta ined  annroximate ly  
t h e  same Dercentage  d i s t r i b u t i o n  i n  s n i t e  of a c o n s i d e r a b l e  
r e d u c t i o n  i n  s u r f a c e  a r e a .  It was observed  t h a t  t h e  coke 
c o n t e n t  o f  t h e  c a t a l y s t  i n c r e a s e d  ShaFDlg t o  an e a u i l i b r i u m  
l e v e l  i n  a s h o r t  t ime,  about  4 0  h o u r s . I t  was p o s t u l a t e d  t h a t  
t h i s  w a s  due t o  a p e r i o d  of u n c o n t r o l l e d  hydrocrackinE.  
Subsequent ly  , t h e  coke con ten t  of  t h e  c a t a l y s t  was observed  
t o  r e m a i n  c o n s t a n t  w i t h  i n c r e a s i n g  p r o c e s s  t ime.  

c a t a l y s t  is made up of  t h r e e  Darts. 
I t  i s  t h e r e f o r e  DroDosed t h a t  t h e  p o r o s i t y  of t h e  

RaDid, i n i t i a l  coke deDos i t ion  (Oc ) t a k e s  un about  o n e - t h i r d  o f  t h e  
I 

t o t a l  o o r o s i t y .  E q u i l i b r i u m  coke deDos i t ion  ( 0  ) arid me ta l  

s u l f i d e s  Dlugging (Elws)  t hen  s lowly  d e c r e a s e  t h e  remainder  
of t h e  c a t a l y s t  p o r o s i t y .  Th i s  s low u t i l i s a t i o n  of D o r o s i t y  
i s  i n c o m o r a t e d  i n t o  a Dore-Dlugging model. The l a t t e r  
assumes t h a t  on ly  a f r a c t i o n  of  t h e  o e l l e t  i s  e f f e c t i v e  
for t h e  d e m e t a l l a t i o n  r e a c t i o n s .  The f l u x  of  s u l f u r - c o n t a i n -  
i n g  molecules  i n t o  t h e  p e l l e t  i s  p r o g r e s s i v e l y  imoeded by 
t h e  d e o o s i t i o n  of  m e t a l  s u l f i d e s  and coke i n  t h e  c a t a l y s t  
o o r e s .  F iFure  l ( a )  . 

CE 

The b a s i s  f o r  t h e  Dore s t r u c t u r e  i s  Wheeler ' s  model 
[ 9  3 . The p e l l e t  i s  amrox ima ted  a s  a comDosite of Y 

p o r e s  each of  l e n g t h  L .  F igu re  l ( b ) .  
F i g u r e  1: Pore-u lugging  model of a c a t a l y s t  n e l l e t .  

where 

_._ 
( a ) <  C a t a l y s t  p e l l e t  

meta l  
su l f ides \  

F lux  of 
s u l f u r  - 

c o n t a i n i m  
molecules  

meta l  
s u l f i d e s  

4 I I  

cok 
I 

( 3 )  



5 1  
The nore  wall  i s  n o t  a con t inuous  s o l i d  b u t  has many 

i n t e r s e c t i o n s  w i t h  o t h e r  D O F e S .  The c o n s t a n t  K1 i s  a c a t a l y s t  
parameter  and r e f l e c t s  t h e  s i z e  and shane of  t h e  n e l l e t  t o g e t h e r  
w i t h  i t s  Dore s i z e  d i s t r i b u t i o n .  The n a t u r e  of  t h e  nore-nlugEing 
model s u g g e s t s  t h a t  t h e  number of p o r e s  e f f e c t i v e  f o r  d e m e t a l l a t i o n  
(NE) is  some f r a c t i o n  of  t h e  t o t a l  g iven  by 

q r e f e r s  t o  a time averaged  e f f e c t i v e n e s s  f a c t o r  based t y D i c a l l y  
on e l e c t r o n  micro-probe a n a l y s e s  of metals D r o f i l e s  i n  s n e n t  
c a t a l y s t  from one long  l i f e  t e s t .  Other  c a t a l y s t s  w i t h  d i f f e r e n t  
po re  s i z e  d i s t r i b u t i o n s  can b e  compared w i t h  t h e  exne r imen ta l  
c a t a l y s t  f o r  D o t e n t i a l  d e m e t a l l a t i o n  caDaci ty  by 

NE = qhJ (4) 

Pore s i z e  d i s t r i b u t i o n s  used  i: t h i s  paner  are kent  s imnle  and 
fo l low Wheeler ' s  approach [ g ]  . For  a Maxwellian d i s t r i b u t i o n  
of po re  s i z e s  

(6) LM(r) = AM r e - r h o  

Yo i s  t h e  most p robab le  Dore r a d i u s  and i s  r e l a t e d  t o  ave rage  
c a t a l y s t  n r o p e r t i e s  by V 

S = 3po = 2 2  ( 7 )  
R 

The cor responding  po re  volume d i s t r i b u t i o n  i s  

OM(r) = 1 n r 2 . L M ( r ) . d r  ( 8 )  
The Maxwellian o r  l o g  normal  d i s t r i b u t i o n s  are  cons ide red  s i n c e  
t h e  Dore s i z e  d i s t r i b u t i o n  o f  some h y d r o d e s u l f u r i s a t i o n  c a t a l y s t s  
can  be aDDroximated i n  t h i s  way 
t i o n  o f  pore  s i ze s  

[lo] . F o r  a Gaussian d i s t r i b u -  

( 9  1 2 r  2 L G ( r )  = A G  exp-f3 (- -1) 
rO 

Q , ( r )  = in r2 ,  L G ( r ) . d r  (11) 
f3 i s  a parameter  o f  sharDness  for t h e  d i s t r i b u t i o n .  Wheeler showed 
t h a t  many g e l  t ype  c a t a l y s t s  have t h i s  tyDe o f  wore s i z e  d i s t r i b u -  
t i o n  [ 9 ]  . 

THB DEACTIVATION RATE 
Reac t ion  pa rame te r s  are now cons ide red  u s i n g  an 

e lementary  s o l u t i o n  f o r  d i f f u s i o n  and r e a c t i o n  i n  Dores  which 
are less  than  about  50% a v a i l a b l e  t o  t h e  r e a c t i o n  [ g ]  . This  can 
b e  j u s t i f i e d  from p r e l i m i n a r y  e s t i m a t e s  f o r  c a t a l y s t  l i f e  [ 5 ]  . 

F i g u r e  2 :  D i f f u s i o n  and r e a c t i o n  i n  a c y l i n d r i c a l  po re .  

X'O x=L 

2r 

L 
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Cons ide r ing  a f i r s t  o r d e r ,  i r r e v e r s i b l e  r e a c t i o n  i n  a c y l i n d r i c a l  n o r e  
and ba lanc ing  t h e  n e t  i n f l u x  aga ins t  t h e  r a t e  o f  r e a c t i o n  

n r 2  D - (g)x+dxl= 2nrdykc(x )  ( 1 2 )  

D iv id ing  through by d x  and l e t t i n g  dx+o, 
- d 2 c  2,sxr k c ( x )  n r  D dxz I .  

(13) 

T h i s  i s  t h e  fundamenta l  d i f f e r e n t i a l  e q u a t i o n  t h a t  is u s u a l l y  
s o l v e d .  However, when a l l  t h e  r e a c t a n t  d i f f u s i n g  i n t o  t h e  Dore i s  
consumed a t  some d i s t a n c e  X < e L , t h e n  e q u a t i o n  ( 1 2 )  can be 
s i m p l i f i e d  t o  D 

X 
P 

2ark  lo C(X)CIX 
clc m2 D(*) 

x = o  
C d c  Now can b e  aDproximated by 2 and t h e  exac t  r e a c t i o n  r a t e  
X 

P r- " 
on t h e  Dore wa l l  can be a q r o x i m a t e d  by 2 s r k  9. Enua t ion  (13) i s  

cO ( 1 5 )  C 
reduced to  n r 2  D $ = 2nrx k - 

P 2  P 

where X is t h e  p e n e t r a t i o n  l e n g t h .  
P 

x ? =& K2& ( 1 6 )  
The c o n s t a n t  K2  i s  dependent  on f e e d  t y n e  and Drocess  c o n d i t i o n s  
b o t h  of  which d e t e r m i n e  t h e  d e m e t a l l a t i o n  r e a c t i o n  r a t e .  

I f  t he  decay  of c a t a l y s t  i s  s low r e l a t i v e  t o  t h e  o i l  
r e s i d e n c e  t ime,  a q u a s i  s t e a d y  s t a t e  assumDtion can  be  made t o  
de t e rmine  t h e  d e c r e a s e  i n  Dore r a d i i  due t o  deDos i t ion  o f  r e a c t i o n  
p r o d u c t s  2 . e .  coke and metal s u l f i d e s .  T h i s  w i l l  t h e n  be  r e l a t e d  
t o  c a t a l y s t  d e a c t i v a t i o n .  

F igu re  3 :  D e p o s i t i o n  of  r e a c t i o n  Droducts  i n  c a t a l y s t  

( m - l ) t h  Dore 

p o r e s .  

_- -.____-. -.-. f FJm-l Dores 
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If t h e  nlugginp, m a t e r i a l  i s  s n r e a d  ove r  a l l  t h e  n o r e s  con ta ined  i n  
t h e  o u t e r  s e c t i o n  of  t h e  n e l l e t ,  t h e n  t h e  t h i c k n e s s  o f  d e n o s i t  6 t  
f o r  a f i n i t e  increment  of time A i s  g iven  by 

and 

X 
2a NE,m r m , t  m , t  

Assumhg t h a t  t h e  d e m e t a l l a t i o n  and d e s u l f u r i s a t i o n  f u n c t i o n s  o f  t h e  
c a t a l y s t  a r e  d e a c t i v a t i n g  a t  a m r o x i m a t e l g  t h e  same r a t e  
d e m e t a l l a t i o n  can b e  used t o  f o l l o w  d e s u l f u r i s a t i o n  f o u l i n g  r a t e s .  
S i n c e  t h e  o v e r a l l  d e m e t a l l a t i o n  r a t e  e a u a l s  t h e  f l u x  o f  m e t a l  
c o n t a i n i n g  molecules  i n t o  t h e  n e l l e t ,  

c111 , t h e n  

x* I 2 

(21) !'E,m r m , t  
m , t  . H [.HDMIt = Ft = m 

F,/Fo i s  a measure of  t h e  d e c r e a s e  i n  r e a c t i o n  r a t e  due  t o  no re  - -  
p lugg ing .  I n  c o n s t a n t  conve r s ion  o p e r a t i o n  t h i s  i s  u s u a l l y  comnensated 
by r a i s i n g  c a t a l y s t  t e m p e r a t u r e .  Assumina a Dower l a w  d e a c t i v a t i o n  
f u n c t i o n  2 2 

R~~~ a R~~~ 
t hen  

( 2 2 )  

( 2 3 )  

r e p r e s e n t s  the  number of  t imes  t h e  i n i t i a l  d e a c t i v a t i o n  r a t e  is 
i n c r e a s e d .  Fo i s  known from t h e  f r e s h  c a t a l y s t  D r o p e r t i e s  and 
s p e c i f i e d  Drocess  c o n d i t i o n s .  Ft can be c a l c u l a t e d  a t  any t ime 
ons t ream so  t h a t  a curve  of d e a c t i v a t i o n  r a t e  r a t i o  v e r s u s  Drocess  
time can be  c o n s t r u c t e d .  A v a l u e  of  5-10 f o r  t h i s  r a t i o  w i l l  
p robab ly  mean end-of-run under  p r a c t i c a l  c o n d i t i o n s .  

THE PORE PLUGGTNG RATE 
The ra te  of  d e p o s i t i o n  of r e a c t i o n  p r o d u c t s  i . e .  coke p l u s  

metal s u l f i d e s ,  can be e s t i m a t e d  from t h e  k i n e t i c s  o f  t h e  r e s p e c t i v e  
p r o c e s s e s .  Demeta l l a t ion  l i k e  d e s u l f u r i s a t i o n  can be r e p r e s e n t e d  
by second o r d e r  k i n e t i c s  
e x p l a i n e d  by c o n s i d e r i n g  t h e  o i l  as a spec t rum o f  compounds r e a c t i n g  
a t  d i f f e r e n t  r a t e s .  The e q u a l i t y  of d e s u l f u r i s a t i o n  and d e m e t a l l a t i o n  
s e l e c t i v i t i e s  iS a l s o  we l l  known f o r  a wide  r ange  of c rude  o i l  
s o u r c e s  [12] . 
i s o t h e r m a l  o p e r a t i o n  may be assumed f o r  f i n i t e  volume element  of  
r e a c t o r  of l e n g t h  81. Cons ide r ing  an i r r e v e r s i b l e ,  second o r d e r ,  
d e m e t a l l a t i o n  r e a c t i o n  t a k i n g  p l a c e  i n  t h e  c a t a l y s t  p o r e s ,  a mass 
ba lance  f o r  r e a c t a n t  i g i v e s  

[ e ]  , t h e  appa ren t  anomaly b e i n g  

For  an idea l ,  p l u g  f low r e a c t o r  o p e r a t i n g  a t  s t e a d y  s t a t e ,  
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Fi 

l + A l  
o u t :  (LHSV)~B PF 

l + C R  _ .  k2 T(T)  

i 

I 1 A t  t h e  t o p  o f  t h e  r e a c t o r  where = 0, t h e  ra te  of  
d e p o s i t i o n  o f  metal s u l f i d e s  i n  t h e  f i r s t  l a y e r  i s  

A 1  . .  

4F 'Fi k 2  T(x) 
= M ~ ( L H S V ) B  c Fi l + C F  k 2 T ( 2 )  A 

i 

( 2 6 )  
I 

The c o n t r i b u t i o n  t o  t he  Dore-nlugging r a t e  from t h e  me ta l  s u l f i d e s  
i s  t h e  sum o f  a l l  t h e  d e p o s i t i n q  g u l f i d e s  d i v i d e d  by a d e n s i t y  
f a c t o r  

n i s  u s u a l l y  e q u a l  t o  2 ? . e .  vanadium and n i c k e l k s  was a s s i g n e d  
a v a l u e  o f  2 gm/cc based  on e a r l i e r  e s t i m a t e s  [SI. A d i s t r i b u -  
t i o n  f a c t o r  d i s  i n c l u d e d  t o  d i s t i n g u i s h  between metals d e p o s i t i n g  , 
i n t r a - p a r t i c l e  and i n t e r p a r t i c l e .  Based on vanadium and n i c k e l  
c o n c e n t r a t i o n s  i n  t h e  a sDha l t enes  and ma l t enes  f r a c t i o n  o f  o i l s ,  

res iduum.  
The coke c o n t r i b u t i o n  t o  t he  pore-Dlupging ra te  can  be  

deduced from t h e  obse rved  cons tancy  i n  coke c o n t e n t  of t h e  de- 
s u l f u r i s a t i o n  c a t a l y s t  d u r i n g  40-4OC hours  o f  o n e r a t i o n  [ 8 3  and 
50-1000 hours  of o p e r a t i o n  1131. A t  any t ime on-stream g r e a t e r  
t h a n  50 h o u r s ,  i t  f o l l o w s  t h a t  

g$  coke = 

/ 

( 2 7 )  1 
a n  

"TJlS '@ E RMSi 

t h i s  f a c t o r  i s  assumed t o  be 0 . 8  f o r  a S a f a n i y a  atmosDheric  1 

= c o n s t a n t  (28 )  

S i n c e  t h e  meta l  s u l f i d e s  d e p o s i t i o n  ra te  i s  c o n s t a n t  i n  c o n s t a n t  
conve r s ion  o p e r a t i o n ,  t h e  coklng  r a t e  can  b e  c a l c u l a t e d  from 
e q u a t i o n  (28 )  w i t h  some m o d i f i c a t i o n s  

'4l C 

'f + + 'MS 

t 
W C l + S 0  RC dt 

t (29 )  = o  
Wf + W c l +  I O R c  d t +  R M S . t  

Wc r e p r e s e n t s  t h e  ra  i d  i n i t i a l  coke lay-down a l r e a d y  d e s c r i b e d  

i f  Q i s  s p e c i f i e d .  A t y p i c a l  v a l u e  f o r  Q would b e  10 weight p e r  
c e n t  coke.  For t > 50 h o u r s ,  Rc can be w r i t t e n  i n  terms o f  RMs 

The p o r e  Dlugging ra te  due  t o  coke can  now be c a l c u l a t e d  u s i n g  a 
coke d e n s i t y  (pc> d e r i v e d  from two sets  of  data  [8]. A v a l u e  of 
0.7 gm/cc was c a l c u l a t e d .  

[8]. For  smal l  t ( g  50 h o u r s ) ,  RMSt+o, s o  t h a t  Wf may be found 

- Q  
Rc - RMS (30)  
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The total pore-plugging rate is given by 
(PIIT = (PlIc t (P1IMS ( 3 2 )  

For 10 weight Der cent coke on the catalyst, a total Dore wlugaine: 
rate of "N 1.3 RMS is calculated. 

The total pore-plugging rate is Dut into equation (17) to 
determine the reduction in Dore radii over the whole Dore size 
distribution, equation (6) for example. The decrease in radius will 
reduce the flux of metal containing molecules into the nores, 
equation (21). This flux is compared with the initial value to 
calculate the catalyst deactivation with time from eouation ( 2 3 ) .  

MAIN ASSUMPTIONS FOR RDS APPLICATIOYS 
To facilitate catalyst comparisons only one Darticular 

oil feedstock is considered, Safaniya (Khafji) atmospheric residuum. 
Its sulfur content is usually 4 weight Der cent with vanadium 
and nickel contents of about 75 and 25 aDm resvectively.Deposited 
sulfides were assumed to have the formulae V S and Ni S. 

The desulfurisation Derformance f o r  various catalysts 
was comoared by coupling their demetallation and desulfurisation 
functions. For a Safaniya atmosDheric residuum at LHSV=1.0 and 
a desulfurisation conversion of 751, effective diffusivity 
values of 6x10-8 and 3x10-7 cm2/sec. were estimated for demetalla- 
tion and desulfurisation resnectively 
ed from the eouation [ 6 ] .  

2 3  

[5] . Figure 4 was construct- 

(33) R2 1 
Deff 

Deff = 2 

( R ~ ~ ~ )  E - 

where D(O-OC ) 

(34)  I 

From Figure 4,effecBiveness factors for demetallation and desulfuri- 
sation were found to be 0.1 and 0.45 for a 0.16 cm (1/16 inch)dia- 
meter sDhere. Subsequent process condition changes leading to 
temperature changes were made by modifying the intrinsic activa- 
tion energy using the equation [14] . 

2 - q (35) 
EOBS 

Intrinsic activation energies for demetallation and desulfurisation 
were chosen as 30 and 40 kcals/gram mole. The latter value is 
realistic based on recent literature [15] when a value of 
38 kcals/gram mole was measured. The former value reflects the 
fact that metal-containing molecules are derived from the heavier 
portion of the feedstock (55OoC+) whereas the sulfur-containing 
molecules are derived from the whole boiling range (325OCt) of the 
oil. 

1500 psig, the coke level on the catalyst was assumed to be 10% 
by weight 
using the temnerature dependence of coke content found by 
Voorhies [16] . 
ed suitable f o r  hydrodesulfurisation was selected f o r  the wumose 
of making catalyst life Dredictions.Its pronerties are shown in 
Table 1 together with properties of two other catalyst which were 
also considered. 

At Drocess conditions of LHSV=1.0, 75% conversion and 

[13] . This level was adjusted for temwerature changes 

A ffstandardff catalyst whose DroDerties could be consider- 
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cat a l g s t  
r (Angstroms) 
V (micropores  
S m / g m  
R cm 

g 2  
g 

PB 
4 p  
shape 
B 
% rnacroDores ( >  600 A )  
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T a b l e  1 

Macrovores i? - s h i f t  
40 65 

"Standard 
40 

0.5 0.425 0.7 
2 50 212 215 
0.08 0.08 0.08 
0.7 
1.2 
s p h e r e  

5 

0.59 0.57 
1.02 0.97 

s p h e r e  
5 

s p h e r e  
5 

0 15 0 

The above c a t a l y s t  p r o p e r t i e s  were i n t e r - r e l a t e d  by t h e  

( 3 6 )  

Pore Volume d i s t r i b u t i o n s  o f  t h e  c a t a l y s t s  c o n s i d e r e d  s u b s e q u e n t l y  
a r e  shown i n  F i g u r e  5. 

e q u a t i o n  

sr; - 2 = IJg 

DISCUSSION OF MODEL PREDICTIONS 
The e f f e c t  o f  chang ing  p r o c e s s  c o n d i t i o n s  on c a t a l y s t  

l i f e  i s  shown i n  F i g u r e  6. The d e a c t i v a t i o n  r a t e  r a t i o  i s  p l o t t e d  
v e r s u s  hours  on-s t ream.  A t  an LHSV = 1.0 and 75% c o n v e r s i o n ,  
a c a t a l y s t  l i f e  o f  1000 h o u r s  i s  p r e d i c t e d .  T h i s  compares w i t h  
about  3300 h o u r s  ( z = 5 )  when t h e  c o n v e r s i o n  i s  d r o m e d  t o  63%.  
Another c u r v e ,  LHSV = 0.7 and 75% conver s ion  i s  shown i n  F i g u r e  6 .  
These c o n d i t i o n s  were chosen  f o r  comparison w i t h  d a t a  from t h e  
Gulf Tokyo D a D e r  [43, F i g u r e  4 and T a b l e  6 .  From t h e s e  d a t a  t h e  
c o n v e r s i o n  o f  75% was g i v e n  b u t  on ly  a " f i x e d "  sT)ace v e l o c i t y  is 
mentioned.  T h i s  h a s  b e e n  assumed t o  b e  0.7. With t h i s  assumpt ion ,  
the  pore -p lugg ing  model s u g g e s t s  a l i f e  of 4000 hours  compared t o  
4500-5000 hours  from t h e  Gulf Tokyo p a p e r .  Obviously more informa- 
t i o n  on c a t a l y s t  p r o p e r t i e s  and p r o c e s s  c o n d i t i o n s  i s  r e q u i r e d  
when commercial data  i s  Dub l i shed .  However, t h e  Dore-Dlugging model 
and t h e  i n i t i a l  a s s u m p t i o n s  g i v e  good order-of-magnitude comparisons.  

The e f f e c t s  of chang ing  t h e  p o r e  s i z e  d i s t r i b u t i o n  of 
t h e  " s t a n d a r d "  c a t a l y s t  and r - s h i f t  a r e  shown i n  F i g u r e  7. For a 
f i x e d  average  Dore d i a m e t e r ,  changing p o r e  s i z e  d i s t r i b u t i o n  has  
l i t t l e  e f f e c t  on c a t a l y s t  l i f e .  The l o g  normal  o r  Maxwellian 
d i s t r i b u t i o n  may have been  D r e d i c t e d  t o  g i v e  an i n c r e a s e d  l i f e  
because  o f  t h e  l l ta i l l l  i n  t h e  d i s t r i b u t i o n  b u t  s i n c e  t h e  most 
p r o b a b l e  p o r e  r a d i u s  is o n l y  l5A(=r 1, t h e  advan tage  of  t h e  b r o a d e r  
d i s t r i b u t i o n  i s  l o s t .  If t h e  Deak r g d i i ,  normal v e r s u s  l o g  normal 
were b o t h  t h e  same, t h e n  t h e  b r o a d e r  d i s t r i b u t i o n  could be  more 
e f f e c t i v e .  With a normal  d i s t r i b u t i o n ,  i n c r e a s i n g  t h e  average  pore  
r a d i u s  h a s  a b i g  effect  on c a t a l y s t  l i f e .  A v a l u e  of 2000 h o u r s  
i s  p r e d i c t e d  f o r  t h e  r - s h i f t  c a t a l y s t  i n  Tab le  1. T h i s  o r d e r  of  
magni tude e f f e c t  h a s  been  obse rved  f o r  t h i s  f e e d s t o c k  a t  t h e s e  
c o n d i t i o n s  [17 3 b u t  comple t e  data  i s  n o t  a v a i l a b l e .  

P u t t i n g  macropores  i n t o  t h e  c a t a l y s t  or d e c r e a s i n g  
p e l l e t  d i a m e t e r  a l s o  i n c r e a s e s  c a t a l y s t  l i f e .  The n e t  e f f e c t  i n  
b o t h  c a s e s  is t o  s u b s t a n t i a l l y  i n c r e a s e  t h e  number of  Dores a v a i l a b l e  
f o r  metal s u l f i d e s  d e p o s i t i o n .  I n  Tab le  1,1596 macropores have 
been s u b s t i t u t e d  f o r  mic ropore  volume and it i s  assumed t h a t  an 
i n c r e a s e  i n  e f f e c + , i v e  d i f f u s i v i t y  of ( x 3 )  i s  o b t a i n e d .  I n  F i g u r e  
8,  a c a t a l y s t  l i f e  of  2000 h o u r s  i s  p r e d i c t e d  compared t o  1000 
hours  f o r  t h e  zero-macropores  v ls tandard"  c a t a l y s t .  P a r t i c l e  s i z e  
e f f e c t s  a r e  g r e a t e r  s i n c e  t h e  i n c r e a s e  i n  number o f  a v a i l a b l e  
p o r e s  i s  e f f e c t i v e  on t h e  unchanged " s t a n d a r d "  c a t a l y s t  micro- 

_ _  - .  
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p o r o s i t y  ( = 0 . 6 ) .  A l i f e  of  3000 hours  i s  Dred ic t ed  ? . e .  an 
i n c r e a s e  of ( x 3 )  when p e l l e t  d i ame te r  i s  reduced by ( x 2 ) .  I f  
r e a c t o r  Dressu re  d rop  Droblems a r e  l i k e l y ,  t h e n  macroDores must b e  
cons ide red  f irst  f o r  i n c r e a s i n g  c a t a l y s t  l i f e .  The a m r o a c h  i s  
l i m i t e d  however by t h e  d e c r e a s i n g  s t r e n g t h  o f  t h e  D e l l e t  a s  
P o r o s i t y  i s  i n c r e a s e d .  A l t e r n a t i v e l y ,  changinp: r e a c t o r  d e s i g n ,  
r a d i a l  f low i n s t e a d  of  a x i a l  f low 
p a r t i c l e s  t o  be u s e d ,  about  0.5 mm d i ame te r .  C a t a l y s t  l i f e  would 
t h e n  b e  s u b s t a n t i a l l y  i n c r e a s e d .  

n a t u r e  i . e .  macropores  , r - s h i f t  and p a r t i c l e  s i z e .  The chemica l  
COmpOSitiOn of t h e  c a t a l y s t  was n o t  changed. The r o l e  of  coke i n  
pore-p lugging  does  s u g g e s t  t h a t  i n c r e a s i n g  t h e  hydrogena t ion  func-  
t i o n  of t h e  c a t a l y s t  may i n c r e a s e  c a t a l y s t  l i f e  e . g .  n i c k e l  as a 
"k icke r " .  If  n i c k e l  was s u b s t i t u t e d  f o r  D a r t  of t h e  c o b a l t  t hen  
some d e s u l f u r i s a t i o n  a c t i v i t y  might be l o s t  s i n c e  t h e  optimum 
cobalt/molybdenum r a t i o  has been changed [lg] . The n e t  e f f e c t  
would be t o  l o s e  some i n i t i a l  a c t i v i t y  bu t  more micro-Doros i ty  
would be a v a i l a b l e  due t o  a lower e q u i l i b r i u m  coke l e v e l  on t h e  
c a t a l y s t .  T h i s  i s  t h e  basis f o r  F i g u r e  9 when t h e  coke l e v e l  of 
t h e  " s t anda rd"  c a t a l y s t  was assumed t o  be reduced  from 10% t o  7 %  
due t o  i n c r e a s i n g  t h e  hydrogena t ion  f u n c t i o n  of t h e  c a t a l y s t .  The 
c a t a l y s t  l i f e  i s  seen t o  be  i n c r e a s e d  from 1000 t o  1500 hours(z=5). 

The e f f e c t  o f  changing p r o c e s s  n r e s s u r e  a l s o  i l l u s t r a t e s  
t h e  coke c o n t r i b u t i o n  t o  t h e  Dore p lugg ing  d e a c t i v a t i o n  model. 
F igu re  9 shows t h a t  r educ ing  p r e s s u r e  from 1500 n s i n  t o  800 
p s i g  d e c r e a s e s  c a t a l y s t  l i f e  by (x2). An obvious  way t o  compensate 
i s  by d e c r e a s i n g  LHSV e .g .  from 0.7 t o  0 . 5 ,  a r a t i o  o f  1 . 4 .  A t  
t h e  lower space  v e l o c i t y ,  a p r e d i c t i o n  of 5000 hour s  i s  o b t a i n e d  and 
t h e  c a t a l y s t  l i f e  i s  now Close  t o  t h e  1500 D s i g  c a s e .  This  
space  v e l o c i t y  e f f e c t  w i t h  Dressu re  comDares f a v o r a b l y  w i t h  t h e  
E s s o  Tokyo DaDer, F i g u r e  7 ,  [ 4 ]  . Data  showed t h a t  c a t a l y s t  l i f e  
was t h e  same when o p e r a t i n g  a t  1500 and 800 p s i g  Drovided m a c e  
v e l o c i t y  comDensation was emDloyed. The r e l a t i v e  c a t a l y s t  a c t i v i t y  
i n  t h e  Esso data  was a l s o  about  1 . 4 .  

CONCLUSIONS 

elow t r i c k l e - b e d  r e a c t o r s  h a s  been proDosed i n  o r d e r  t o  q u a n t i t a -  
t i v e l y  d e s c r i b e  c a t a l y s t  d e a c t i v a t i o n .  The po re -o lugg inn  is  due t o  
t h e  d e p o s i t i o n  of r e a c t i o n  Droducts ,  m e t a l  s u l f i d e s  and coke ,du r ina  
t h e  ( d e s i r e d )  d e s u l f u r i s a t i o n  r e a c t i o n .  The d e s u l f u r i s a t i o n  and 
d e m e t a l l a t i o n  r e a c t i o n s  were cons ide red  i n  D a r a l l e l  i n  o r d e r  t o  
make p r e d i c t i o n s  f o r  c a t a l y s t  l i f e .  A s i m p l i f i e d  approach  was t aken  
i n  d e s c r i b i n g  c a t a l y s t  p o r e  s i z e  d e s t r i b u t i o n s  and a m r o x i m a t i n g  
t h e  equa t ions  f o r  d i f f u s i o n  and r e a c t i o n  i n  a c a t a l y s t  n o r e .  

c o n d i t i o n s  and c a t a l y s t  Darameters  were changed.  A s  a check on t h e  
i n i t i a l  assumpt ions  and t h e  s i m D l i f i e d  approach ,  comparison w i t h  
commercial d a t a  was made and showed good order -of -magni tude  ag ree -  
ment. 

more data becomes a v a i l a b l e .  Design o f  new and improved c a t a l y s t s  
and r e a c t o r  systems shou ld  be t h e  r e s u l t .  

[18] , would a l l o w  s m a l l e r  

C a t a l y s t  chanaes have p r e v i o u s l y  been p h y s i c a l  i n  

A pore-p lugging  model f o r  res iduum hydronrocess ing  i n  a x i a l -  

P r e d i c t i o n s  f o r  c a t a l y s t  l i f e  were made when v r o c e s s  

A more r i g o r o u s  aDproach shou ld  now be  cons ide red  a s  
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NOMENCLATURE 

a b s o l u t e  f r e a u e n c y  of Dore s i z e s  * M , ~ G  

cO 

C 

D 

Ft 

k2 
K1 

‘ k  

K2 
L 
L M ( r )  

n 
N 

NE 

p lC  

plT 

r O  

R~~~ 
R~~~ 

R C  

”MS 

Q 
r 

RMS 

S 
S a 
V 

Wf 

wMIs 

(LHSV) 
D e f f  

E~~~ 
EOBS 
R 
Z 

c o n c e n t r a t i o n  of r e a c t a n t ,  m e t a l  c o n t a i n i n g  molecules  , 
i n s i d e  t h e  c a t a l y s t  Dores ,  mol. cm-3. -3 c o n c e n t r a t i o n  of  r e a c t a n t  a t  t h e  no re  mouth.mo1. cm . 
d i f f u s i v i t y  o f  m e t a l  conta in ine :  molecules  i n  t h e  o i l ,  
cm2 s e c  . -1. 
f l u x  of me ta l  c o n t a i n i n g  molecules  i n t o  t h e  n e l l e t  
at t i m e  t ,  rnols. h r - 1  gm-1. 
f i rs t  o r d e r  i n t r i n s i c  r e a c t i o n  r a t e  cons tan t ,cm s e c .  . 
second o r d e r  r e a c t i o n  r a t e  c o n s t a n t  , cm3 hr-Imo1-l. 

D o r e  D e n e t r a t i o n  Darameter ,  equa t ion  (16), cm. 
nore  l e n g t h ,  e a u a t i o n  ( 2 ) ,  cm. 
t o t a l  l e n g t h  of Dores o f  r a d i u s  r D e r  gram o f  c a t a l v s t  
i n  Maxwellian d i s t r i b u t i o n ,  cm e ; m - l .  
number o f  r e a c t a n t s  i n  t h e  f e e d .  
t o t a l  number of po res  p e r  gram of c a t a l y s t ,  e o u a t i o n  
( ? ) ,  gm-1. 
number of p o r e s  per gram of  c a t a l y s t  i n  which n o r e  D ~ U P F -  
i n g  o c c u r s ,  e q u a t i o n  ( 4 1 ,  gm-1. 
meta l  s u l f i d e  Dore Dlugging r a t e ,  cm3 h r - l  am-’. 
coke n o r e  p l u g g i n g  r a t e ,  cm3 h r - I  am-’. 
t o t a l  p o r e  p l u g g i n g  r a t e .  
coke on c a t a l y s t ,  % by we igh t .  
pore  r a d i u s ,  c m .  
m o s t  Drobable  u o r e  r a d i u s  i n  Maxwellian Dore s i z e  
d i s t r i b u t i o n ,  cm. 
d e s u l f u r i s a t i o n  r a t e  , m o l .  h r”  gm-’. 
d e m e t a l l a t i o n  r a t e ,  mol. hr gm . 
meta l  s u l f i d e s  d e n o s i t i o n  ra te  h r - l .  

coke d e p o s i t i o n  r a t e ,  hr . 
n e l l e t  s u r f a c e  a r e a ,  cm . 2  -1 
c a t a l y s t  s u r f a c e  a r e a ,  cm gm . 
D e l l e t  volume, ern . 
c a t a l y s t  po re  volume, em3 gm-l. 
f r e s h  c a t a l y s t  we igh t ,  gm. 
coke w e i g h t ,  g m .  
me ta l  s u l f i d e s  we igh t ,  gm. 
r e a c t a n t  p e n e t r a t i o n  l e n g t h  i n t o  t h e  Dore, 
l i q u i d  h o u r l y  sDace v e l o c i t y ,  hr-1.  
e f f e c t i v e  d i f f u s i v i t y  of c a t a l y s t  D e l l e t , e q u a t i o n ( 3 4 ) ,  

2 -1 cm . s e e  . 
i n t r i n s i c  a c t i v a t i o n  energy  k c a l s  .gm mol-’, 
observed a c t i v a t i o n  eneray  k c a l s  . gm mol-’. 
r a d i u s  of  c a t a l y s t  p e l l e t ,  cm. 
c a t a l y s t  d e a c t i v a t i o n  r a t e  r a t i o .  

-1 

c a t a l v s t  p a r a m e t e r ,  e q u a t i o n  ( 3 ) ,  cm 2 Em -1 . 

-1 -1 

-1 
2 

3 
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NOMENCLATURE I 

/ Greek l e t t e r s .  
6 t h i c k n e s s  of de-oosi t  i n  c a t a l y s t  Dores ,  cm. 
A element  of t ime f o r  r e a c t i o n ,  h r .  
A 1  l e n g t h  of  volume element  i n  p l u g  f low r e a c t o r , c m .  
0 t o t a l  c a t a l y s t  n o r o s i t y .  
B c a t a l y s t  p o r o s i t y  l o s t  t o  coke d u r i n p  raDid i n i t i a l  

0 c a t a l y s t  p o r o s i t y  l o s t  t o  coke a f t e r  i n i t i a l  coke 

OMS 

cI d e a c t i v a t i o n .  

CE format  i o n .  
c a t a l y s t  p o r o s i t y  l o s t  t o  metal s u l f i d e s  a f t e r  i n i t i a l  
coke fo rma t ion .  
" t ime averaged"  e f f e c t i v e n e s s  f a c t o r .  
coke d e n s i t y ,  gm. c c - f .  
c a t a l y s t  b u l k  d e n s i t y ,  gm, cc  . 
d e n s i t y  of  f e e d  s t r e a m ,  gm cc . 

-1 metal s u l f i d e s  d e n s i t y ,  gm. c c  . 
c a t a l y s t  p a r t i c l e  d e n s i t y  gm CC:: 
c a t a l y s t  s k e l e t a l  d e n s i t y  gm cc  

-1 

-1 

i)c 

$MS 

f J 3  
P F  

& 
S u b s c r i p t s .  
A ,B c a t a l y s t  w i t h  d i f f e r e n t  p o r o s i t y  d i s t r i b u t i o n s .  
m any Dore i n  t h e  c a t a l y s t  o f  r a d i u s  r .  
t any t i m e  on-stream ( >  50 h o u r s ) .  
0 time i n i t i a l  f o r  n o r e  p lugg ing  ( =  50 h o u r s ) .  
i any r e a c t a n t  i n  t h e  f e e d .  

I 
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Figxe 4: Catalyst particle diameter v. effective diffusivity. 
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Figure 5: Catalyst pore size distributions. 
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P i i : m  <?: Effnct n f  nacrognr[!r,,;lnrticle size m :;::t.al:;st l i f e .  
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INTRODUCTION 

In many areas of the world residual fuel oil has become the principal 
source of industrial, commercial and utility fuel. 
historically been the marginal energy source with locally produced coal o r  natural 
gas being the fuel of choice on economic grounds. 
pollution control regulations relating to fuel sulfur content have limited the use 
of many sources of coal, and in many important areas low cost natural gas is be- 
coming critically short in supply. Because of these factors, fuel oil consumption 
is growing rapidly - and in many instances at a rate substantially above the normal 
growth in energy demand. This growth in demand - coupled with increasingly stringent 
sulfur content specifications, is leading in the direction of a shortage in residual 
fuels - particularly those of lower sulfur contents. 

In these services it has 

At present, however, air 

These factors have already led to a substantial investment in fuel oil 
desulfurization facilities in several parts of the world - notably in Japan, the 
Middle East and the Caribbean area. 
have been based on indirect desulfurization - i.e. vacuum distillation, desulfu- 
rization of the vacuum gas oil and reblending. This technique has a real limita- 
tion in a market for fuels below the 1% sulfur level since none of the heavy high 
sulfur vacuum residue is processed. To some extent this can be mitigated by pre- 
ferentially blending this material to bunkers and by the use of naturally occurring 
low sulfur residues as blending stocks. 

With some few exceptions these facilities 

In many supply and consumption areas we are now nearing - or  have passed - 
the limits of these approaches, and the industry is giving serious consideration 
.to the installation of facilities which will process the entire residue to achieve 
the desired end product. It is the purpose of this paper to consider some of the 
problems associated with processing residual oils and to present some major new 
developments in the H-Oil process which relate t o  the solution of these problems. 
Because of these new developments it is now possible to design a processing 
facility which can economically produce fuel oils of 0.3% sulfur tontent, inter- 
changeably from a broad range of feedstocks encompassing most o f  the commerpially 
important residues. 
involves the ability to economically desulfurize the high metals content residues 
from Venezuela. 

One of the most significant aspects of these new developments 

. 
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FACTORS AFFECTING A FUELS PROCESSING FACILITY 

\ 
k market-related fuels process facility - specifically one which would serve the 

East Coast of the United States. 
\\ fundamental questions considered below. 

In this paper we will concentrate on the problems associated with a 

Planning such a facility involves the several 

Source of Supply 
\, 

I The traditional source of fuel oil supply for the U.S. East Coast 
has been Venezuelan imports. Under the impact of the newer sulfur content 
specifications, an increasing portion of this fuel is being obtained from 
African crudes, and it is possible that the Middle East may also become an 
important factor in this market. 
national security standpoint - particularly as we become more dependent on 
fuel oil for basic energy - the refiner will be faced with the problem of 
providing the capability to handle a broad range of feedstocks. 

For these reasons, as well as from a 

Market Requirements 

\ 

The requirements for low sulfur fuel oil have become increasingly 
stringent, and the market requirements for this product is subject to the 
vagaries of local and national regulations. Consequently, market require- 
ments cannot be forecast with a high degree of accuracy. For this reason 
the facility must be flexible in terms of the quality of product produced. 

Adaptability 

At a future date the market for low sulfur fuel oil may become less 
attractive due to several factors. 
nuclear energy, the installation of stack gas desulfurization processes or 
increased availability of low sulfur fuels. Should this occur it would be 
desirable to make alternate use of any facility installed today to desulfu- 
rize fuel oil. At such a time the market could revert to the traditional 
U . S .  pattern in which high sulfur residual oil is a low value material, and 
there would be a consequent economic incentive to convert it into lighter 
products. 

Among these are: increasing use of 

Considering these factors an optimum fuels processing facility should 
possess the following basic characteristics:- 

1. 

2. 

3. 

4 .  Have an economical alternate use in the event of a decreased demand for 

The ability to process fuel oil at low unit cost 

Be able to handle a broad range of residual fuels as feedstock 

Have the capability of meeting changing fuel oil specification requirement 

low sulfur fuel oils. 

In a later section of this paper we describe a facility which meets these 
First, however, we would like to consider some of the technical requirements. 

problems associated with residual oil processing - and how the solutions to these 
problems are approached in the H-Oil process. 
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TECHNICAL ASPECTS OF RESIDUE DESULFURIZATION 

Reaction Mechanism 

Various inves t iga tors  have shown t h a t  a first order k ine t i c  model 
adequately describes the desu l fur iza t ion  of the  individual su l fur  compounds 
contained in  petroleum f rac t ions .  
we a r e  not dealing with individual compounds o r  with a few s imi la r  species,  
but r a t h e r  with a complex mixture of compounds having widely d i f f e r ing  
reac t ion  r a t e s .  Since t h e  compounds which a re  eas i e r  t o  r eac t  w i l l  tend t o  
disappear f i r s t ,  while those having a lower reac t ion  r a t e  constant w i l l  
desulfurize l a s t ,  desu l fur iza t ion  of these mater ia l s ,  viewed on an overall  
bas i s ,  does not follow a f i rs t  order k ine t i c  model. Beuther and Schmid(l1 
found t h a t  desu l fur iza t ion  of residues can be represented adequately by use 
of a second order model. 
reac t ions  were probably f i r s t  order, but t h a t  a second order model would bes t  
represent the overa l l  da t a .  By using a psuedo second order approach, the f ac t  
of increasing d i f f i c u l t y  of desu l fur iza t ion  is  ref lec ted  i n  the concentration 
term of the r a t e  equation, enabling one t o  use a fixed reac t ion  r a t e  constant. 

Our work i n  t h i s  a r ea  has confirmed the observations of Beuther and Schmid 
and i n  Figure 1 we show, for the  desu l fur iza t ion  of Kuwait atmospheric residue, 
a comparison of the f i t  o f  the da ta  t o  f i r s t  and second order models. 
developing t h i s  p l o t ,  average f i rs t  and second order K-values were calculated 
f rom da ta  obtained under various operating conditions over f resh  ca t a lys t .  
curves shown were then prepared and compared with the  da ta .  
t h a t  the  second order r e l a t ionsh ip  more accurately represents the s i t ua t ion .  
In use of these r e l a t ionsh ips ,  however, it should be borne i n  mind, t ha t  t h i s  
is an empiricism and da ta  extrapolations must be t r ea t ed  with caution. 

A prac t i ca l  consequence of the psuedo second order model i s ,  t h a t  as 

In the case of res idua l  o i l s ,  however, 

These authors recognized t h a t  the individual 

In 

The 
It is apparent 

market requirements d i c t a t e  a lower su l fu r  content product, the  reaction r a t e  
i n  the  f ina l  s tages  of a process w i l l  be qu i t e  low. 
the  reaction r a t e  i n  the  f i n a l  incremental portion of a reac tor  system w i l l  
be only one ten th  a t  the  0.3% su l fu r  leve l  what it would be a t  the  1% su l fu r  
l eve l .  

Catalyst  Aging 

With a second order model 

I n  hydroprocessing o f  res idua l  o i l s ,  ca t a lys t s  lose a c t i v i t y  a t  a much 
higher r a t e  than is  the  case i n  gas o i l  processing. 
presence of organometallic compounds, asphaltenes and the geperal higher 
molecular weight of t he  mater ia l  being processed. 
a considerable range i n  the metals contents of the various stocks available 
fo r  processing, residues from d i f f e ren t  crudes w i l l  deac t iva te  ca t a lys t s  a t  
d i f f e r e n t  r a t e s .  
cha rac t e r i s t i c s  of Kuwait and Venezuelan atmospheric residues.  
second order reac t ion  r a t e  constant i s  p lo t t ed  versus ca t a lys t  age fo r  these 
two s tocks  processed under the  same conditions.  
a rate of a c t i v i t y  dec l ine  considerably above tha t  which would be experienced 
i n  processing of gas o i l s ,  the e f f e c t  of the  higher metals content i n  the 
Venezuelan o i l  is rap id ly  apparent from the  higher r a t e  of a c t i v i t y  decline.  

This i s  due t o  the 

Further, since there  is 

Figure 2 i l l u s t r a t e s  t h i s  point by comparing the aging 
Psuedo 

While both stocks exhibit  
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Effect of H2S on Reaction Rate 

A s  the  desu l fur iza t ion  reac t ion  proceeds, H2S i s  produced. This mater ia l ,  
while mainly i n  the vapor phase, is i n  equilibrium with a concentration of d i s -  
solvedLH2S i n  the  l i qu id .  
t h i s  material  can have a strong e f f e c t  on the overa l l  r a t e  of the  desulfurization 
reaction. Figure 3 shows the  e f f e c t ,  f o r  one s e t  of circumstances, of H2S 
p a r t i a l  pressure on the  psuedo second order reac t ion  r a t e  constant.  
should be emphasized t h a t  the constant shown is not a t r u e  reac t ion  r a t e  
constant - which would be independent of such parameters - but is r a the r  an 
overa l l  representation of several  simultaneously occurring forward and reverse 
desu l fur iza t ion  reactions.  

Under ce r t a in  conditions the  mass ac t ion  e f f e c t  of 

Again, it 

When operations a re  d i rec ted  t o  achieving very low l eve l s  of su l fu r  i n  
the product, t h i s  effect-coupled 
operation - can have important design consequences. 

with the  other d i f f i c u l t i e s  of such an 

THE H-OIL APPROACH TO THE PRODUCTION OF LOW SULFUR FUEL OILS 

Several previous papers by H R I  and Cities Service Research and Development 
Company 2,3,4,5 have reviewed the H - O i l  process with respect t o  i t s  pr inc ipa l  
cha rac t e r i s t i c s  and commercial performance. The major d i f fe rence  between H - O i l  and 
the other processes f o r  production of low su l fu r  fue l s  i s  a novel reac tor  system i n  
which the  o i l  and hydrogen a re  passed upflow through the  reac tor  a t  a ve loc i ty  
su f f i c i en t  t o  maintain the  ca t a lys t  i n  a suspended or ebul la ted  s t a t e .  
system o f fe r s  severa l  advantages:- 

This reac tor  

1. It i s  isothermal, 

2. It i s  not suscept ib le  t o  pressure drop bui ld  up due t o  suspended 
materials contained i n  the  feed, 

3.  Catalyst  can be added and withdrawn during operation t o  maintain a 
constant leve l  of ca t a lys t  a c t i v i t y .  

Reactor Staging 

For p rac t i ca l  purposes, t he  H - O i l  r eac tor  can be considered a s  a 
completely back mixed system. 
reac t ing  mixture i s  e s sen t i a l ly  iden t i ca l  t o  the mater ia l  leaving the 
reac tor .  
a consequence of t he  second order r a t e  equation, 

In such a reac tor ,  t he  charac te r  of the  

From the point of view of the  desu l fur iza t ion  reac t ion  then, as  

r = kc2 

the  reac t ion  r a t e  w i l l  be proportional t o  the  square of t he  concentration of 
t he  e f f luen t .  
product then, the reac t ion  rate w i l l  decrease rapidly.  
t he  r a t e  a t  0.3% s u l f u r  w i l l  be only one ten th  t h a t  a t  1% su l fu r .  
then a s ing le  reac tor  t o  produce a 0.3% su l fu r  product would be well over 
t en  times as la rge  as one producing a 1% su l fu r  product - a l l  other f ac to r s  
being equal. 

A s  t he  process i s  required t o  produce a lower su l fu r  content 
As noted e a r l i e r  

In theory 

\ 
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In the H - O i l  p r o c e s s , t h i s  problem i s  solved by staging the  reactor 
system by using two or more reac tors  i n  s e r i e s .  In t h i s  way the reac t ion  
is  car r ied  out  a t  severa l  decreasing su l fu r  contents.  
higher reaction r a t e s  i n  those reac tors  i n  which the  bulk of the  desulfu- 
r i z a t i o n  i s  occurring. 

This provides fo r  

Figure 4 i l l u s t r a t e s  t h i s  e f f e c t  f o r  the  processing of Kuwait atmospheric 
bottoms a t  various s u l f u r  contents.  
r i z a t i o n  e f f ic iency  of one, two and three  stages i n  s e r i e s  versus a theore t ica l  
plug flow reac tor .  

Relationships a re  shown f o r  the  desulfu- 

Cata lys t  Counterflow 

A fur ther  a rea  of design optimization r e l a t e s  t o  the ca t a lys t  aging 
e f f ec t s  discussed e a r l i e r .  I f  we use three  H - O i l  s tages  i n  s e r i e s  i n  order 
t o  achieve a very high degree of desulfurization, then there  i s  a d i s t i n c t  
advantage in charging a l l  of the  makeup ca t a lys t  t o  the t h i r d  reac tor  s tage .  
This material  would then be withdrawn, charged t o  the second s tage  and in 
l i k e  fashion the second s tage  ca t a lys t  would be then charged t o  the f i r s t  
reac tor .  We thereby achieve a counter-current flow of o i l  and ca t a lys t ,  i n  
which the  f reshes t  c a t a l y s t  i s  exposed t o  the  cleanest  o i l  i n  the  reac tor  
which requires a high degree of ca t a lys t  a c t i v i t y  i n  view of the  low su l fu r  
concentration present .  
a r eac to r  in which the  c a t a l y s t  has reached i ts  f i n a l  equilibrium leve l  p r i o r  
t o  being discarded. The l i n e  f o r  the back staging of ca t a lys t  i n  a three stage 
system, shown i n  Figure 4,  ind ica tes  t h a t  by t h i s  approach v i r t u a l  equivalence 
is a t ta ined  between the  H - O i l  system and .a  theo re t i ca l  plus flow reac tor .  

S p l i t  H2 Recycle 

A t  the  same time, the  f a s t e r  reactions take place i n  

A process flow scheme using the  backflow ca ta lys t / th ree  s tage  system i s  
shown i n  Figure 5. 
within an H - O i l  unit  designed t o  achieve very low su l fur  contents.  
aspect of t h i s  system, shown i n  Figure 5, i s  the use of a s p l i t  recycle system. 
In t h i s  way H2S f r e e  hydrogen would be sent t o  the  t h i r d  reac tor  thereby main- 
t a in ing  an  extremely low HZS p a r t i a l  pressure a t  t h i s  c r i t i c a l  point i n  the 
reac tor  system. 

Residue Demetallization 

This is  bas i ca l ly  the reac tor  scheme which would be u t i l i zed  
A fu r the r  

One of t he  most d i f f i c u l t  problems associated with design of a f a c i l i t y  
t o  process a broad range of  feedstocks has been the problem of handling those 
residues having a high concentration of  organo-metallic compounds. Figure 2 ,  
shown e a r l i e r ,  i l l u s t r a t e s  t he  r a t e  a t  which H - O i l  c a t a lys t  deactivates while 
processing a medium Venezuelan res idua l  o i l .  
produce a low s u l f u r  fue l  would requi re  a very high r a t e  of ca t a lys t  addition. 

Operation with t h i s  feed t o  

A j o i n t  HRI/CSRD research program has been underway f o r  more than three  
years at the HRI l abo ra to r i e s  t o  develop a demetall ization procedure which 
would reduce the  n icke l  and vanadium contents of fue l  o i l s  i n  order t o  produce 
an o i l  f o r  fur ther  processing by H - O i l  a t  low ca ta lys t  addition r a t e s .  These 
research e f fo r t s  have r e su l t ed  i n  the development of so l id  adsorbent materials 
which a r e  low i n  cos t ,  and e f f ec t ive ly  remove the bulk of the organo-metallic 
compounds present i n  such o i l s .  
with the  conventional ebul la ted  bed p r inc ip l e ,  which i s  then followed by one 
o r  more H-Oi l  s tages  using conventional ca t a lys t s .  

These so l id s  a r e  used in  an H - O i l  reactor 
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Figure 6 shows the  e f f e c t  of using t h i s  newly developed procedure i n  the pro- 
cessing of Venezuelan o i l .  
of a medium Venezuelan res idua l  o i l  as a function of ca t a lys t  age. 
represents the performance o f  the  same o i l ,  over the same ca t a lys t ,  a f t e r  it has been 
processed through the newly developed demetall ization procedure. 
such operation a re  obvious, and t h i s  procedure makes p rac t i ca l  the processing of 
these o i l s  a t  low r a t e s  of ca t a lys t  usage. 
viously placed on residue processing by metals content and a l l  o f  t he  presently pro- 
duced crudes can be considered f o r  the  production of low s u l f u r  fue ls .  

The upper curve i n  Figure 6 shows the  desu l fur iza t ion  
The lower curve 

The advantage of 

This procedure removes the  limits pre- 

New Catalyst  Developments 

In addition t o  the  processing approaches discussed above, H R I  and CSRD, together 
with severa l  ca ta lys t  suppl ie rs  have engaged i n  continuing development a c t i v i t i e s  
r e l a t ing  t o  the development of improved H - O i l  c a t a lys t s .  
ca t a lys t  composition, pore s i z e  d i s t r ibu t ion ,  ca t a lys t  s i z e ,  e t c .  
i l l u s t r a t e s  one of the more promising newer ca t a lys t s  compared with the  H - O i l  
c a t a lys t  which has been used i n  most commercial operations t o  da te .  

These s tudies  have covered 
Figure 7 

CHARACTERISTICS OF A MULTI-PURPOSE DESULFURIZATION PLANT 

We have noted e a r l i e r  t h a t  a r e f i n e r  or fue l  processor must l i v e  i n  an 
uncertain environment. 
requirements of the  market, and the  perpetual question of the fu tu re  markets f o r  
res idua l  f u e l .  
which provides the  degree of f l e x i b i l i t y  necessary t o  cope with t h i s  uncertain 
environment. A schematic flow diagram of such a multi-purpose p lan t  i s  shown i n  
Figure 8. 
dution of 0.3% s u l f u r  fue l  o i l  from various atmospheric residua, a re  i ts  f l e x i -  
b i l i t y  with respect t o  feedstock, product spec i f ica t ions  and fu tu re  a l t e rna te  uses 
of the  p l an t .  

He i s  subjec t  t o  the  vagaries of the supply of crude, the 

We have developed a processing approach - using the  H - O i l  process 

The bas i c  fea tures  of t h i s  plant, ,  which has been designed f o r  the pro- 

The da ta  developed i n  t h i s  i l l u s t r a t i o n  have been based on the  use of con- 
ventional H - O i l  c a t a lys t .  
used, the  same r e s u l t s  would be achieved a t  somewhat lower investment and a t  sub- 
s t a n t i a l l y  reduced r a t e s  of ca t a lys t  usage. 

If one of the newer ca t a lys t s ,  re fe r red  t o  e a r l i e r ,  were 

Base Operation 

The feedstock f l e x i b i l i t y  of t he  p lan t  i s  i l l u s t r a t e d  by the  data i n  
Table 1. 
process Venezuelan, Kuwait and West Texas atmospheric residues as  well a s  West 
Texas vacuum residue t o  produce 0.3% su l fu r  fue l  o i l  product. The capacity of 
the  p lan t  var ies  with each of these stocks because of the varying su l fu r  
contents and d i f f i c u l t y  of processing of the  various raw mater ia l s .  The 
r e f ine r  with such a un i t  should be ab le  t o  change h i s  source of supply amongst 
most of the commercially important crude sources, thereby optimizing h i s  
operation with respect t o  raw mater ia l  supply. 

Using the  iden t i ca l  p l an t ,  we show the  a b i l i t y  of t h i s  f a c i l i t y  t o  

When changing crude type c e r t a i n  operational changes would be required. 
For example, t he  optimum ca ta lys t  w i l l  vary with d i f f e ren t  crudes, and i n  the 
case of high metals stocks such as Venezuelan, the f i r s t  r eac to r  would be  used f o r  
the demetall ization procedure. 
s ive  shut down and apar t  from the  change of ca t a lys t  type, the  rest of t h e  
processing f a c i l i t y  is completely adequate f o r  a l l  of the %rvices, 

These changes, however, would not require exten- 



Flex ib i l i t y  with Respect t o  Product Specifications 

Again, considering the  same processing f a c i l i t y ,  i f  it were desired f o r  
market reasons t o  produce a product of higher s u l f u r  content o r  a var ie ty  of 
grades of products t h i s  could be readily accomplished. In such a case p lan t  
throughput would increase  s ince  hydrogen consumption per  ba r re l  o f  feed would 
be less. 

Should it be necessary a t  some fu ture  date t o  produce fue l  o i l s  having 
su l fu r  contents lower than 0.3%, i n  the same f a c i l i t y ,  t h i s  can be achieved 
e i t h e r  by reducing flow r a t e  through the p lan t  or by separating some of t he  
desulfurized vacuum residue f o r  s a l e s  as bunkers, thereby decreasing the 
s u l f u r  content of the  l i g h t e r  product. 

Future Applications 

I f ,  in the course of time, nuclear power becomes more prevelant,  o r  i f  
s tack  gas desu l fur iza t ion  processes are brought t o  a point of economic 
application, t he  market f o r  low s u l f u r  fue l  o i l  may contract  and the  p r i ce  
decrease.  Under e i t h e r  of these circumstances we would rever t  t o  the  c l a s s i c  
U.S.  posit ion i n  which high su l fu r  vacuum residue is a marginal product and a 
candidate f o r  conversion t o  l i g h t e r  mater ia l s .  

The type of u n i t  described here can, i f  desired with t h i s  fu ture  use i n  
mind, be used t o  convert vacuum residues t o  l i g h t e r  materials o r  t o  prepare 
feedstock f o r  low s u l f u r  coke production. These applications o f  t he  process 
have been discussed i n  severa l  previous papers. A good commercial example of 
t h i s  f l e x i b i l i t y  i s  shown i n  Table 2. 
Service publication, show operations of t h e  Lake Charles H - O i l  u n i t  when pro- 
cessing for conversion and f o r  desu l fur iza t ion .  

Fuel O i l  Processing C o s t s  

These data,  taken from a previous C i t i e s  

Figure 8 i s  a block flow diagram of the  plant under consideration. 
Included are a hydrogen plant and a s u l f u r  p l an t ,  as well as t he  H - O i l  pro- 
cessing f a c i l i t y .  The hydrogen plant is supplied with i t s  fue l  and raw 
mater ia l  from the  l i g h t  products produced within the  H - O i l  system and there- 
fore the  en t i r e  complex requires no hydrocarbon raw mater ia l  o ther  than the  
fue l  o i l  feed. This is therefore a completely self-contained f a c i l i t y  - not 
dependent an the  a v a i l a b i l i t y  of na tura l  gas or o ther  hydrogen raw mater ia l .  

Investment and operating requirements f o r  t he  complex are  presented i n  
Table 3 ,  and i n  Table 4 these fac tors  have been converted i n t o  a da i ly  pro- 
cessing cost exclusive of H - O i l  c a t a lys t .  
the  feed i n  question. 

This l a t t e r  item is  spec i f i c  t o  

Unit processing cos ts  are summarized f o r  the various feedstocks i n  
Table 5 which then shows the re la t ionship  between feed type and processing 
costs a s  well as  t he  e f f e c t  of product s u l f u r  content on processing cos t .  

FUELS REFINERY 

The processing scheme j u s t  discussed uses atmospheric and vacuum residues 
as i ts  raw material .  
concept i n  which whole crude o i l  i s  processed t o  y i e ld  only u t i l i t y  fue l s .  
processing sequence discussed i n  this paper would f i t  qu i t e  well i n t o  such a pro- 
cessing sequence. 

Recently, consideration has been given t o  a fue l s  re f inery  
The 

A block flow diagram of fue ls  r e f ine ry  i s  shown in  Figure 9. 



71 
Such a complex would produce low s u l f u r  content fue l  o i l ,  tu rb ine  fue l ,  and naphtha. 
The naphtha product could be a raw material  f o r  the production of e i t h e r  SNG o r  
petrochemicals. 

In  summary, new developments i n  the H - O i l  process have made it possible 
and p rac t i ca l  t o  design a fue l  processing p lan t  which would have the  degree of 
f l e x i b i l i t y  necessary t o  handle raw crudes from various sources and t o  enable the  
processor t o  meet the  varying requirements of the markets which may be imposed on 
him with changing product spec i f ica t ions  and product requirement. 
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TABLE 2 

COMMERCIAL H-OIL OPERATIONS 
Lake Charles, Louisiana 

VARIOUS E S T  TEXAS FRACTIONS 

Sour Atm. Resid. Vac. Resid. 

17.1 10.9 

2.80 1.95 

47.0 82 .o 

Desulfurization Conversion 

100 Vol.% yield of 
stabilized 300°F. + of 975OF.+ 
fuel oil of 0.28% S 

49% conversion 

total product at 
0.62% S 

i 

i 
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TABLE 3 

FUELS PROCESSING COMPLEX 

INVESTMENT AND OPERATING REQUIREMENTS 

BASIS: Operations Described in Table 1 

Investments 

H-Oil Unit $ 13,400,000 
Light Ends & Gas Processing 1,300,000 
Hydrogen E Sulfur Plants 7,100,000 
Off sites 5,5OO,OOO 

Total Investment $ 27,300,000 

Operating Requirements 

Fuel, MM BTU/Hr. (11 
Power, KW 12,700 
Steam, Lb/Hr. ('1 65,000 
Cooling Water, GPM 4,750 
Boiler Feed Water, FPM 135 

Catalyst E Chemicals (other than H-Oil), $/D 225 

Labor, Men/Shift 

(1) 

(2) Net External Steam Requirement 

Supplied from H-Oil Gases and Light Ends 

\ 

6 
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TABLE 4 

FUELS PROCESSING COMPLEX 

DAILY PROCESSING COSTS 
(Basis: 330 Days) 

$/SD 

Investment Related Costs @ 20% of  Total Capital  16,600 

Labor Related Items 1,440 

U t i l i t i e s ( 1 )  

Catalyst  & Chemicals (Ex H-Oil) 

3,550 

225 

Total Processing Cost 21,815 

(1) U t i l i t y  Unit Costs: 

Power O.B$/kwh 

Steam 70$/1000 l b s .  

Cooling Water 0.3$/1000 ga l .  

BFW 3.0$/1000 ga l .  

Hydrogen Plant Feed and Fuel f o r  the complex supplied from 
H - O i l  gases,  l i g h t  ends and 150 BPSD of product fue l  o i l .  
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LOW-SULFUR FUEL BY PRESSURIZED ENTRAINMENT 
CARBONIZATION OF COAL 

By Robert J .  Belt and Michael M. Roder 

U. S. Department of the Interior, Bureau of Mines 
Morgantown Energy Research Center 

P. 0. Box 880, Morgantown, W. Va. 26505 

INTRODUCHON 

Rapid entrainment carbonization of powdered coal under pressure in a partial hydrogen atmosphere was 
investigated as a means of producing low-sulfur char for use as a powerplant fuel. Specific objectives of the 
research were t o  determine if an acceptable product could be made and to establish the relationship between 
yields and chemical properties of the char, with special emphasis on type and amount of sulfur compounds in 
the product. The experiments were conducted with a 4-inch-diameter by 1 8-inch-high carbonizer according to 
a composite factorial design (2,a.I Results of the experiments are expressed by empirical mathematical 
models and are illustrated by the application of response surface analysis. 

Previous work with a 4-inchdiameter by 12-inch-high entrainment-type carbonizer showed that chars 
containing considerably less sulfur than the  parent coals could be produced by rapid carbonization CL), and 
that the most important variables were temperature, pressure, and type of entraining gas. In the experiments 
with the 18-inch-high carbonizer, all other variables-coal rate, size range and type, residence time, entraining 

and volatile matter concentration and the content of organic, pyritic, and sulfate sulfur in the char. 
I gas rate, and run length-were held constant t o  determine the effect of the three main factors on char yield 

EQUIPMENT AND PROCEDURE 

Carbonization runs were made with the equipment shown in figure 1. The carbonizer was designed for 
temperatures to 2,000" F, pressures to 500 psi, and coal rates t o  500 grams per hour. Coal from a closed 
pressureequalized hopper was injected by  a vibratory screw feeder into a gas stream that carried the particles 
at high velocity into the carbonizer. Another stream of gas entered the top of the carbonizer via a preheater 
that heated the gas to  the carbonization temperature. 

The carbonizer was 4 inches in diameter by 18 inches long and was made of type 3 10 alloy steel, schedule 
40 pipe. Three pairs of 6-inch-long, semi-circular electrical heating elements enclosed the carbonizing tube. 
The preheater was a Cinchdiameter by 2-foot-long coil of %-inch stainless steel tubing surrounded by two 
pairs of 1 2-inch-long semi-circular electrical heating elements. 

in the lock hopper at  the bottom of the carbonizer; char fines and carbon fines were extracted by a hotdust 
knockout chamber. Tar and pitch were removed by two knockout chambers in series, and water and light oil 
were separated by means of  a water condenser followed by dry-ice and silica-gel traps. Clean gas was passed 
through a pressure letdown system, metered, and vented. Yields of dust, tar, light oil, and gas were not deter- 
mined. 

All solid and liquid products were recovered from the gas stream. Coarse particles of char were recovered 

The carbonizer was preheated to the desired (constant) temperature, the system was pressurized to the 
desired level, and gas flows were set to the predetermined rates and compositions. Coal was then injected to 
begin the run. The carbonizer was designed to  rapidly heat the coal particles as they passed through the 18- 
inch-long hot zone. Pyrolization and devolatilization were effected in less than 1 second. Two hundred 
grams per hour of 70-percent-through-2OGmesh Pittsburgh-bed high-volatile A bituminous coal was processed 
in 2-hour runs. Entraining gas was admitted at  a rate of 20 actual cubic feet per hour. During the run, char 
was periodically removed from the bottom lock hopper and gdS samples were removed for analysis. 

'Underlined numbers in parentheses refer to references at the end of this paper. 



EXPERIMENTAL PLAN 

Experiments in the carbonization of coal to produce low-sulfur char were carried out and evaluated by 
means of a 3-step procedure. Carbonization runs were first conducted to obtain data at various combinations 
of the three major independent variables. These data were then used to develop an empirical mathematical 
model that described the carbonization system. Finally, response surface analysis was used to interpret the 
empirical model and predict the relationship between process variables and char yield and quality. 

The carbonization runs were carried out according to  a composite factorial design covering temperature, 
pressure, and entraining gas composition-each at  five levels. Carbonization temperature was varied from 
1,500" to  1,900" F in 100-degree increments and is represented by X ,  . Operating pressure, X , ,  was varied 
from 0 to 400 psig in 1 00-psig increments. Entraining gas composition (hydrogen in nitrogen), X, ,  was varied 
from 0 percent H2 to 100 percent H2 a t  25 percent intervals. Table 1 shows the levels of the operating con- 
ditions. 

As illustrated by figure 2, a 3-dimensional coordinate system was assumed with temperature, pressure, 
and entraining gas composition as the axes. Points at the eight corners of the cube represent the 2-level part 
of the factorial design; the remaining points represent the composite portion of the design. Each numbered 
point represents one experimental run and the center represents five additional runs, making a total of 19 
runs. Computation of the variance of the system was based on the five runs shown at the center. Actual 
experimental conditions are shown in the table that accompanies the sketch. 

RESULTS 

The following results are based on the analyses of data by means of response surface analysis. The 
3-dimensional empirical models were developed at the 95-percent confidence level. In other words, 9 5  percent 
of the time the results obtained from the empirical model will match the actual data obtained. 

As stated, char yield and char quality were of primary interest, the latter being dependent on the con- 
centration of total sulfur, organic sulfur, pyritic sulfur, sulfate sulfur, and volatile matter, and on the heating 
value and ratio of sulfur content t o  the heating value. Concentrations of constituents in the char are given as 
a weight percentage. Table 2 gives the actual experimental data for runs at  various combinations of operating 
conditions. 

Char Yield 

Figure 3 shows predicted char yield plotted as a function of temperature, pressure, and entraining gas 
composition. Char yield values of 800,880, and 960 pounds per ton of coal are shown. Within the limits of 
the experiments, yields ranged from 646 pounds per ton of coal to 1,222 pounds per ton (table 3). Temper- 
ature had a considerable effect on char yield, as was also found in the prior work m: yields decreased with 
an increase in temperature. Although pressure variation alone had little effect on char yield, the combined 
effect of temperature and pressure was important. For example, yields were lower when temperature and 
pressure were both high or both low. However, when the temperature was the lowest and the pressure was 
the highest, yields were higher, as was also true when the temperature was the highest and the pressure was 
the lowest. 

I 

Char Quality 

Total, Organic, Pyritic, and Sulfate Sulfur 

Sulfur does not occur as an element in coal or char; it is present in chemical combination in the form of 
organic compounds, iron sulfides, and sulfates @). Total sulfur is the sum of the weight percentage concen- 
trations of all three. As shown in table 3, total sulfur left in the char ranged from 0.7 t o  2.5 percent, often a 
substantial decrease from the amount in the parent coal (2.55 percent). Figure 4 shows total sulfur surfaces 
for values ranging from 1 .O to 2.5 percent. Crowding of the curved surfaces in the upper left hand corner of 
the cube clearly shows the decrease in amount of sulfur in the char with increase in the temperature, pressure, 
and percent hydrogen in the entraining gas. Within the experimental limits, the models indicate that a char 
can be produced containing a minimum amount of sulfur (0.7 percent) at a temperature of 1,900' F, 



a4 

pressure of 400 psig, and 91 percent hydrogen in thc entraining gas. Production of 0.7 percent sulfur char 
amounts to more than a 70-percent reduction in sulfur from the original coal. 

Organic sulfur accounts for about three-fourths of the total sulfur in the char. A 3-dimensional plot of 
the values of organic sulfur as a function of temperature, pressure, and entraining gas composition is shown in 
figure 5.  By comparing this figure with the one for total sulfur (figure 4), a similar relationship between the 
two plots can readily be observed. For instance, as in the case of total sulfur, an increase in temperature, 
pressure, and percent hydrogen in the entraining gas decreased the amount of organic sulfur in the char. 
Theoretically, as indicated in table 3, carbonization at 1,900' F, 400 psig, and 100 percent hydrogen in the 
entraining gas would produce a char containing virtually no organic sulfur. 

Approximately one-fourth of  the total sulfur in the char is in the form of pyritic sulfur. As shown by 
figure 6, the amount of pyritic sulfur reached a minimum value of about 0.25 percent at 1,650' F, 230 psig, 
and 50 percent hydrogen in the entraining gas. Increasing or decreasing values of the variables tends to increase 
the amount of pyritic sulfur. Pressure and temperature had a greater effect on pyritic sulfur than did percent 
hydrogen in the entraining gas. 

Sulfate sulfur remaining in the chars ranged from 0.01 to  0.06 percent, as indicated in table 2. Since the 
parent coal contained only 0.06 percent, a change in one or all three variables had no effect on the amount of 
sulfate sulfur. 

Char Sulfur Content Per Unit Heating Value 

From a process standpoint, probably the best way to  express the amount of sulfur concentration of a 
fuel is in pounds of sulfur per million Btu heating value of the fuel (char). Ordinarily, this ratio would be a 

'function of the amount of total sulfur in the char and the heating value of the char. However, since the 
heating value of the char changes very little within the experimental limits (discussed later in this paper), 
values for the amount of sulfur per heating value are essentially the same as those obtained for percent total 
sulfur. Figure 7 shows that an increase in temperature, pressure, and percent hydrogen in the entraining gas 
decreases the amount of sulfur per million Btu. Within the experimental limits, the model indicates that a 
char containing a minimum of 0.49 pound of sulfur per million Btu could be produced at  1,900' F, 400 psig, 
and 91 percent hydrogen in the entraining gas. 

Volatile Matter and Heating Value 

As expected from the results of this experiment and prior work a, char containing a maximum o f  
volatile matter was produced at relatively low temperatures, and char containing the minimum was produced 
at higher temperatures. Pressure and type of entraining gas had little effect on the amount of volatile matter 
remaining in the char. Table 3 indicates that (within the experimental limits) char produced a t  1,900' F, 
320 psig, and 25 percent hydrogen in the entraining gas would contain the minimum volatile matter-3.8 
percent. Char produced at conditions that give the minimum total sulfur content (0.7 percent) would contain 
7.38 percent volatile matter. Figure 8 is a graphic portrayal of predicted char volatile matter curves as a 
function of temperature, pressure, and entraining gas compositions. 

As shown in table 2 ,  char heating values ranged between 12,350 and 13,380 Btu/lb. In the 3-dimensional 
plot (not shown), the portion of the curves that fell within the experimental limits were nearly flat. Because 
of the narrow range in the data and the flatness of the curves, it can be concluded that neither temperature, 
pressure, nor percent hydrogen in  the entraining gas affected the char heating value. 

SUMMARY AND CONCLUSIONS 

A low-sulfur char was successfully produced by pressurized carbonization of coal using hydrogen in 
nitrogen as a hot entraining gas. According to empirical models, a char containing 0.7 percent sulfur, or 0.49 
pound sulfur per million Btu, could be produced at  1,900" F, 400 psig, and 91 percent hydrogen in nitrogen. 
Theoretical characteristics and properties of char produced under these conditions are compared with those 
of the.parent coal in table 4. 
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Major conclusions drawn from this work are: 

(1) Total sulfur and organic sulfur content of the char and sulfur content per unit of heating 
value decreased with increase in temperature, pressure, and hydrogen concentration in the 
entraining gas. 

(2) Pyritic sulfur content depended only on the carbonization temperature and pressure. 

(3) Sulfate sulfur was unaffected by temperature, pressure, or entraining gas composition. 

(4) Carbonization temperature, as would be expected, was of prime importance in regard to 
the concentration of volatile matter in the resulting char; relatively low temperatures pro- 
duced a char with a high-volatile matter content, and vice versa. 

(5) Char yield decreased with increase in temperature; pressure and entraining gas composition 
had no effect. Char heating value was not significantly influenced by any of the three 
variables. 

An empirical approach that included a mathematical model was found to  be beneficial in predicting the 
sulfur content of chars produced from, coal over a specified range of operation conditions. The technique 
was useful for predicting the conditions required for a specified product. For instance, the model for total 
sulfur indicates that a char containing less than 0.7 percent sulfur could probably be produced a t  tempera- 
tures and pressures higher than those investigated in this experiment. , 
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Factor 

Temperature. OF 

Pressure, psig 

Hydrogen in nitrogen, 
percent 

TABLE 1. - Design of the experiment 

Coded design coordinate 
-2 -1 0 1 2 Symbol 

1,500 1,600 1,700 1,800 1,900 XI 

0 100 200 300 400 x2 

0 25 50 75 100 x3 

Value 

646 

.70 

.oo 

.24 

.01 

.49 

3.80 

2,300 

1 NOTE: Table 2 follows Table 3. 

Value 

1,222 

2.8 
1.9 
1.0 
.06 

2.1 

16 

is~oa 

TABLE 3. - Predicted minimum and,maximum values for char yield and 
properties and corresponding process conditions 

Temp., 
F 

1,900 

1,900 
1,900 
1,650 
1,900 

1,900 

1,900 

1,770 

Char yield 
and 

properties 

Yield, lb/ton 

Total sulfur, pct 
Organic sulfur, pct 
Pyritic sulfur, pct 
Sulfate sulfur, pct 

Sulfur content per 
heating value, 
Ib/MM Btu 

Volatile matter, pct 

Heating value, Btu/lb 

Pres. 
psig 

400 

400 
400 
230 
300 

400 

320 

0 

Minimum 

EGC, 

55 

91 
100 
50 
25 

a 

91 

25 

10 

'Entraining gas composition, hydrogen in nitrogen. 

Maxir 
Temp 
OF 

1,500 

1,500 
1,600 
1,900 
1,500 

- 

- 

1,600 

1,500 

1,900 

Im 
Pres., 

400 
0 
0 
0 
0 

400 

- Psig 

0 

0 

400 

E W ,  
PCt H, 

0 

100 
100 
100 

0 

100 

100 

0 
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TABLE 4. - Comparison o f  Pittsburgh-Lwl high-volatile A bituminous coal and char 
produced at 1,900" F, 400 psig, and 91 pct H,, 9 pct N, entraining gas 

Char yield. wt pct 

Sulfur, wt pct 
Total 
Organic 
Pyritic 
Sulfate 

Sulfur-Btu ratio, lb/MM Btu 

Analysis, wt pct 
Volatile matter 
Ash 
Hydrogen ' 

Total carbon 
Fixed carbon 
Water 

Calorific value, Btu/lb 

~~ 

Coal 

2.55 
I .49 
.93 
.13 

1.81 

33.98 
7.28 
5.23 

76.4 
53.5 1 

.8 

14,300 

' Char 

34.0 

.lo 

.oo 

.77 
,038 

.49 

7.38 
15.68 
2.19 

80.3 
76.41 

.8 

13,300 

'All values are theoretical. Sum of the organic: pyritic, and sulfate sulfur percentages 
will not necessarily equal the value for total sulfur. 

Hydrogen and/or hopper 

n Hz0 t water separator 

"L' . I I Meter and vent mlZov separator 

Char I Z O V  
receiver 

J revat 

I W 

hopper 

V L O C '  

Char 

Tar + 
Light 011 

FIGURE 1 .  - Flow Diagram of Pressurized Coal Carbonization System 
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3 

17 

1 4  

'< w 
16 

b&p 1 X3 - ENTRAINING GAS 
COMPOSITION 

Location of Experimental Points 

I Operating Variables 

"F 
Temperature, 

:xperiment 

I 
2 
3 
4 
5 
6 
7 
8 

9-13 
14 
15 
16 
17 
18 
19 

1,600 
1,600 
1,600 
1,600 
1,800 
1,800 
1,800 
1,800 
1,700 
1,500 
1,900 
1,700 
1.700 
1,700 
1,700 

Volume.percent Hp in N2 

- 
'ressure, 

psi8 

100 
100 
300 
300 
100 
100 
300 
300 
200 
200 
200 

0 
400 
200 
200 

htraining gas 
conwositionll 

25 
75 
25 
75 
25 
75 
25 
75 
50 
50 
5 0  
50 
50 
0 

100 

FIGURE 2. - Three-Factor Composite Design 
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FIGURE 3. - Char Yield, lb/ton Coal I 

f 
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FIGURE 5. - Organic Sulfur in Char, pct 

-+\ - 

FIGURE 6. - Pyritic Sulfur in Char, pct 
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I ,  

FIGURE 7. - Sulfur in Char per Unit Heating Value, lb S/106 Btu 

v) 

U 
a 

m 
X 

FIGURE 8. - Volatile Matter in Char, pct . 
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kTT SCKUBCD?G OF SULEUT: OXICES FECX FL’JF, GASES. James Jonnltfn and 
ir-. .L. Pl.uralcy, C-E CGlXk)UStiOil  l j iv i s ion ,  Conbustion Lnginccring b c . ,  
Windsor, Connecticut. 

I Kuch resenrch and dcvclopmcn.t work hes been directed tm7ard re- 
duciiig s u l f u r  oxides emissions from s t e m  gene ra t ing  units. The 
three methods of n in ln i z i i i g  SOX e d . s s i o n s  are u s i n g  a low sulfur 

removing Sox f r o m  f i u c  gases. 
removes both SOX apd p a r t i c u l a t e s ,  has rece ived  t’m ~ o s t  a t t a i ’ i i ca  
because of 10.~7 Cost: and s i m p l i c i t y .  Cozbusticn Engineering is 

7 fuel, rer,ioving the sulfur from the fuel, bzEore c m h u s t i o n ,  znd 
\<?et scj.mbbitly; .of fl-ue gases,  which 

7 

\ I  oCfering tvo tier scrubbing sys tens :  furnace injection aid tail cad. 
This .pzper w i l l  descr ibe these cystc:s includj-np, ci.kcussiG:is 

of l abora tory  and f i e l d  stuciics aid operr t ing  experience.  TIic 
systems s o l d  to date  tiill. be listed. 

. The c h m i c n l  renctio:is: t ha t  occur dur ing  opern t ion  of the 
systeiz vi11 be  surznarizcd. Also, the various b y - p r o S u c ~  u t i l i z z ~ i s : ~  

the K X ~ :  scrubbing s y s t c n  trill be out l ined .  
\ .scheneS t!iat ;ire being ii;vcscigatecl ~ G Y  r ecyc l ing  of  the sludge f r o a  
) 

. . .. - 

1 

i 
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PROCESS EXPER1Ci:CE OF THE RC/BAHCO SO ?.E!.IOVAL SYSTEPI. D r .  R i c h e r d  S .  
A t k i n s ,  R e s e a r c h - C o t t r e l l ,  P.O.  Box 7z0, Bound Hrook ,  Rev J e r s e y  08EO5 

T h i s  p a p e r  e x x n i n e s  t h e  o p e r a t i n q  e s p e r i e n c c s  of s e v e r a l  Eahco  S O  
S O ,  re:noval t e c h o l o q y  devel.o?cc! by AB 3 a h c o  . . 'e: : tFl$tkn rexloval s y s t c n s  . 

~ n k o p i r , g ,  :;::c2.cn, i s ' t . c ing  s u c c e s s 5 u l l y  ai;;plieci i n  t h i r t . e e : i  con.-iei:cin~. 
i n s t a l l a t i o n s .  Each of t h e s c  u n i t s  has e x h i b i t e d  o n - s t r e a m  r e l i a b i l i t y  
and h i g h  S'3? t i !dsor?t ion e f f i c i e n c y .  The o ldes t  u n i t  h a s  alniost t h r e e  
y e a r s  of op?1--.ting c x p e r i e n c e  . Balico d e s i g n  f l . e x i b i l i t y  per!?.its t h e  u s e  
of Na and 1: Lcses,  s l u r r i e s  of C a  and XcJ bases and. less es ; ,ens ivc  n n t e -  
r i a l s  s u c h  a s  Zolc:.li.te, b u r ~ c d  lixc?, l i ~ ~ e s t o n c ,  s o d i u n  c a r b o n a t e  and 
&iiionia n s  p o t e n t i a l  s c r u b b i n g  rea9e:ili.s. The p r o c e s s  i s  a r , c n o b l e  :o b y -  ' 

p r o d u c t  r c c o v e r y  sucii as s o d i u : ~  sulfate, soZiu:n s u l f i t e ,  q?psuii>, ar.d 
iunrnonicm s:!!.fa'ic v:hic!i re:?uccs t h e  t i i r e a t  of d i s c h a r c i n g  sccon+.?.-~~ 
pol3 .u ta r : t s .  'rhs p a p s r  also' e x p l o r e s  t :?c  p o s s i b i . l j . t . i e s  of rcvcrsc f u z l  
s w i t c h i n g .  T h z t  i s  t h c  bcrn i ! ig  of hi?!' s:ilfur L u e l s  i n  c o n j u n c t i c n  r.;ith 

, u s i n g  R i'\c/!:,-.hco So., scrub!;cr a:ld o 5 i a i : i i n g  a morc econo:;ii.c 125s p o l l a t a : i t  
s i t n a t i o  i than sl : i tchi : i rJ  t o .   lo:^ s u l f u r  fucls;  G c s c a r c h - C c t t r e l l  1 ; ~ s  t;ie 
r i g h t s  fox o p p l y i a g  t h e  Bahco SO2 rc::\ov:il t c c h i i o l o g y  i r i  t h e  U . S .  and 
CanaL'a. 

. 
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C!IU*iICO PGOCCSS EXPERIEIXE XI? SCNJl3BGIG SO2 FIXXI STACK GASES. 
Rober t  @rig, PE, and I.. Shz!~, Chcmiccl Constniction Corporation, 
320 Park Avenue, Em.7 York 10022 

The opcrzting experience at two 150 1 3  pmier p l a n t s  using the 
Chenico s tzck  gzs scrubbing cysCem with chcaical n d d i t i v c s  vi11 be 
discucscci. Oiie is a hio-s tcge cnlci.,yn oxide cdd i tLve  sulr'ur oxide 
ccrvhhirig w d  disposcl  s y s t m  for t h e  I!i.tsui Alminc3 Ccapcnies 
Ohmil to  S t a t i o n ,  Japan. The other is a rna~msium oxide s u i i u r  
oxide sc.r&3iEg z ~ d  rcm,tc recovery system <or the Goston Edlson 
Compmy. 

::n. a d d i t i o n ,  the sulfur oxide r c s o v n l  cbscrved by the 
utill:<c?.tFon 02 alkaLinc Eiy ash so1utio:is cr, -recycl.e.d E ~ U K ~ Y  
in t v o  rilajor Gicmico scr thbing projects i n  opcrntfon on 
western coal-EFrcd boilers  vxi.11 be pccsentcd. . 

9 
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THE CHEMISTRY O F  THE MOLTEN CARBONATE PROCESS 
FOR SO2 REMOVAL FROM STACK GASES:; 

S. J. Yosim, L. F. Grantham and D. E. McKenzie 

Atomics International 
A Division of North American Rockwell Corporation 

G. C. Stegmann 
Consolidated Edison Go. of New York, Inc. 

INTRODUCTION 

The Atomics International Molten Carbonate P r o c e s s  for  removal of sulfur 
A 

This paper describes the process 
oxides f r o m  power plant stack gases  has been under development since 1966. 
10 Mw pilot plant is  now under construction. 
chemistry.  
a lso given. 

Brief descriptions of the pilot plant and of process  economics a r e  

PROCESS DESCRIPTION 

In the Molten Carbonate P rocess ,  a molten eutectic mixture of lithium, sodium, 
and potassium carbonates i s  used to scrub the power plant gas s t r eam.  
oxides in  the gas s t ream react  with the carbonates to f o r m  sulfites and sulfates, 
which remain  dissolved in  excess  unreacted carbonate melt .  
sulfite-sulfate mixture i s  then t reated to convert the sulfite and sulfate back t o  c a r -  
bonate and to recover the sulfur a s  elemental sulfur. 
i s  then recirculated to  the scrubber  to repeat the process  cycle. 

The sulfur 

The molten carbonate- 

The regenerated carbonate 

The regeneration of carbonate i s  done in  two steps: 1) the reduction of the sul- 
f i te and sulfate t o  sulfide, and 2) the conversion of the sulfide to  carbonate plus 
hydrogen sulfide. 
carbon, such a s  petroleum coke. The conversion of the sulfide to carbonate i s  
accomplished by reacting the mel t  with steam and carbon dioxide, liberating hydro- 
gen sulfide. 
plant. 

The reduction step i s  accomplished by reaction with a fo rm of 

The hydrogen sulfide i s  then converted to elemental sulfur in a Claus 

The p rocess  flow d iagram is shown in Figure 1. The process  steps a r e  a s  

1) The gas t o  be t reated i s  removed from the boiler at about 45OoC and, i f  

follows: 

the boiler i s  burning coal, the gas pas ses  through a high temperature,  high effi- 
ciency electrostatic precipitator where essentially a l l  the fly ash i s  removed. The 
g a s  then passes  through the scrubber,  where the sulfur oxides a r e  removed by con- 
tacting the gas  s t r eam with a spray  of molten carbonate a t  450 C. This gas-liquid 
contact removes 9570 o r  more  of the sulfur oxides and most of the remaining ash 
f r o m  the gas s t ream. The cleaned gases are then returned to the boiler for  fur- 
t he r  heat recovery,  and eventually pass  out the stack. 

t u re  of N a ,  K, and Li), sulfite (M2S03), sulfate (M2S0J ana ash f rom the scrub- 
b e r  i s  pumped to  a purification sys tem and filtered to remove the ash.  
f i l t e r  cake i s  sibsequently t reated to recover the contained lithium carbonate. 
:kA portion of t he  work upon which this  paper i s  based was performed under Con- 

0 

2 )  The molten salt  s t r eam containing carbonate ( M  CO , where M the mix- 

The a s h  

t r ac t  No. CPA 70-78 with the U. S. Environmental Protection Agency 
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3) The f i l tered melt is  fed into the reducer ,  and reacted with carbon. The 
melt  temperature i s  ra ised f rom 45OoC to -85OoC by heat f r o m  the com- 
bustion of par t  of the carbon with air, and the sulfite and sulfate in the melt  a r e  
completely reduced to sulfide (M S). 

temperature is lowered f rom 85OoC to 45OoC by mixing with cooler melt  and by 
passing through a heat exchanger. 
remove unreacted coke and coke ash and then passed on to the regenerator .  

2 
4) The melt s t r eam f rom the reducer i s  passed into a quench tank where i t s  

The effluent f rom the quench tank i s  filtered to 

5) In the regenerator ,  the reduced melt  is reacted with carbon dioxide (pro-  
duced in  the reduction step) and steam in a multi-stage, countercurrent sieve-tray 
column. 
and the sulfur is released a s  hydrogen sulfide (H S). 
passed to the Claus plant, where it is  converted to elemental sulfur. 

The sulfide in the melt  is completely regenerated to carbonate (M CO ), 
2 3  The hydrogen sulfide is 2 

6) The regenerated melt  is recirculated to the scrubber ,  with the small f i l ter  
melt  losses  being made up by addition of f r e sh  carbonate. 

CHEMISTRY OF THE PROCESS 
. 

The alkali carbonate eutectic melt( used in the process  is  a mixture of 
32 wt yo lithium carbonate, 33 wt % sodium carbonate, and 35 wt 70 potassium car -  
bonate. The physical propert ies  of the eutectic a r e  given in  Table 1. 

TABLE 1 

PHYSICAL PROPERTIES OF THE A L W L I  CARBONATE EUTECTIC 

Proper ty  I Magnitude I Reference 

Melting Point 
Molecular Weight 
Heat of Fusion 
Density 
Viscosity 
Heat Capacity 
Surface Tension 

I :  397OC 

I 2 
2 . 1 2  gm/cc  @ 45OoC i 3 
9.82 cp @ 45OoC 1 4 
40.39 cal/gm-mole @ 45OoC ; 2 
236.9 dynes/cm @ 45OoC i 3 

100 gm/mole 
6 . 6  kcal/gm-mole @ 397OC , 

I I 

The melt  has severa l  chemical and physical propert ies  which offer advan- 
tages  for  scrubbing sulfur dioxide f rom flue gas. 
handle, pump and t ransport ,  and has  a negligible vapor p r e s s u r e  so that it is not lost 
by evaporation and does not require  high-pressure equipment. 
therefore  it reac ts  rapidly with acidic sulfur oxides, so  that scrubbing contact 
t ime can be short. Since the ent i re  liquid is  a strong base,  it has  a high capacity 
for  sulfur oxides and the amount of melt  which must be regenerated continuously 
i s  relatively small .  
removal of la rge  percentages of the sulfur oxides f r o m  even very  dilute gas 
s t reams.  
s t r eam o r  saturate  it with water vapor. 
other acidic gaseous pollutants such as  NO2 and HC1; therefore  the potential 
exis ts  fo r  control of other pollutants such a s  NOx by the same process .  

summarized below. 

It is  a liquid which is  easy t o  

It i s  a strong base; 

The great  affinity of the melt  fo r  sulfur oxides leads to  the  

0 The use  of this  melt  in the scrubber at 450 C does not cool off the gas 
Finally, the carbonate will reac t  with 

The chemistry of each s tep of the process  has  been studied in detail and i s  
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1. The Scrubbing Stee 

The reactions taking place in the scrubber a r e  

Absorption of SO (Eq 1 and 2 )  i s  very rapid. For example in the 
laboratory when pure SO is bubbled through 2 in. of melt, no odor of SO can be 

H 0 and ffy ash 
2' 2 detected in the exit gas (602). The presence of 0 

does not affect the SO removal.  Melt which was regenerate5 3 t imes in a s e r i e s  
of cyclic t e s t s  was equally effective in removing SO2. These resul ts  a r e  not sur-  
pr is ing in  view of acid-base considerations in  which the acidic SO2 i s  neutralized 
by t h e  basic alkali carbonate mel t .  

and SO 2 3 

C 0 2 ,  N 

2 

In an actual plant good contact must be made between the la rge  volumes of 
flue gas and the relatively smal l  melt  s t ream.  
requirements make it important to  impose a s  small  a p re s su re  drop a s  possible 
on the gas s t ream.  Because of this,  a spray contactor has been selected a s  the 
molten salt scrubber concept. The spray contactor utilizes spray nozzles to 
break the  mel t  up into smal l  droplets for good gas-liquid contact, and a very 
efficient mis t  eliminator to  prevent the gas s t ream f rom carrying melt  mist  out of 
the scrubber .  

However, power plant integration 

, 

F o r  example, in  bench scale  tes t s  where hot synthetic flue gas was forced 
past  a single melt spray nozzle a t  25 f t / sec ,  sulfur oxide removal efficiencies of 
97-10070 were  obtained and little (if any) melt  in  the exit gas could be found. The 
oxidation of M SO (Eq 3) does not appear to be very rapid a t  the scrubber tem- 
perature .  F o r  example, when synthetic flue gas containing 1 vol % 0 and 
0 . 1  vol % SO2 was bubbled through molten carbonate eutectic a t  450'2 only 18, 
31, and 44 wt % of the sulfite,formed f rom the absorbed sulfur dioxide, was oxi- 
dized t o  sulfate i n  4, 7, and 14 hours, respectively. When the synthetic flue gas 
contained 5 vol 70 O2 and 0 . 3  vol 70 SO 42, 49, and 55 wt 70 of the absorbed sul- 
fur  oxide was oxidized to sulfate a t  s imilar  t imes .  Neither water nor fly ash had 
any appreciable effect on the oxidation rate .  

2 .  The Reduction Step 

2 3  

2 *. 

The principal reactions occurring in the reduction step a r e  disporportionation 
( Eq 4) and reduction (Eq 5 and 6). 

Disproportionation: 4M2S03(k) - 3M2S04(A) f M2S(.P,) ( 4) 

The disproportionation ra te  of sulfite to fo rm sulfide and sulfate (Eq 4) has 
been measured.  Rate measurements  indicate that disproportionation is a f i r s t  
o rder  reaction which is not important a t  scrubber temperature  (450 C) but i s  
rapid at  reduction tempera tures  (850 C). Therefore,  in the process  the major 
sulfur compound undergoing reduction i s  sulfate. 

0 

0 

The sulfate (Eq  6) and sulfite (Eq 5) can be reduced by numerous substances. 
Fluidized coke i s  par t icular ly  good for this application since it is relatively inex- 
pensive and has a low ash content. The reaction ra te  increased by about 2-3 for 
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each 50 C temperature r ise;  reduction t imes  of 170, 30, 15, and 4 min were ob- 
served at  700, 800, 875, and 950 C, respectively. Therefore, the reduction reac-  
tion i s  carr ied out a t  temperatures of about 850 C o r  above. 

0 

0 

0 

In order  to r a i se  the temperature f rom 45OoC to about 85OoC and to supply the 
endothermal heat of reduction (-40 kcal/mole) considerable heat must be supplied. 
Because of mater ia ls  limitations at this high temperature,  the most  feasible way 
to supply the heat of reaction i s  to  generate the heat internally, by the combustion 
of carbon with a i r .  This eliminates the need for  heat t ransfer  surfaces operating 
a t  high temperatures in a corrosive environment. 

3 .  The Regeneration Reaction 

Two important reactions occur in the regenerator: .adsorption of carbon di- 
oxide (Eq 7) and regeneration of carbonate (Eq  8). 

' 

Adsorption of CO 2' * M2S(L) t C02(g) - M2C02S(S) ( 7 )  

Regeneration: M 2 W  C02(g) + H20(g) -.. M2CO3(A) -t H2S(g) ( 8) 

Carbon dioxide i s  readily absorbed by molten melts containing sulfide. 
amount of carbon dioxide absorbed increases  a s  the tempera ture  decreases  and a s  
the carbon dioxide partial p re s su re  increases .  
mediates ( M  CO S, M COS2 and M CS3) have not been identified in  the melts, the 2 2  2 
chemistry involved i n d c a t e s  that the formation of these substances i s  the most 
likely explanation fo r  carbon dioxide absorption. These intermediates a r e  quite 
stable at  temperatures of about 45OoC and even appear to exist to some extent at 
temperatures a s  high a s  95OoC. 
about 0.5 to 1 .  5 moles of CO 
absorption reactions a r e  exot ie rmic  (15-20 kcal/mole) and a r e  reversible.  

The 

Although the thiocarbonate in t e r -  

Depending bn the carbon dioxide par t ia l  pressure,  
a r e  absorbed per  mole of sulfide at 45OoC. These 

Both carbon dioxide and steam must be reacted with the melt  before regenera- 

However, since the 
tion occurs (Eq 8), although a substantial amount of carbon dioxide must be ab- 
sorbed (Eq 7) before any evolution of hydrogen sulfide begins. 
intermediate has not been identified, the overall  regeneration reaction i s  given in 
Eq 8. This reaction i s  rapid and complete, particularly at  t empera tures  of about 
450OC. 
during regeneration in o rde r  t o  maintain optimum regeneration temperatures 
(450-500OC). 
erator  is fed to a Claus plant f o r  conversion to sulfur. 

Since the regeneration reaction is exothermic, the melt  must be cooled 

The concentrated hydrogen sulfide s t r eam evolved from the regen- 

4. Lithium Recovery 

The melt  used in this process  is relatively inexpensive except f o r  the lithium 
carbonate, therefore i t  i s  desirable t o  recover the lithium f rom t h e  process  f i l ter  
cakes. 
a r e  s lurr ied with water and filtered to extract the very  soluble sodium and potas- 
sium carbonates; lithium carbonate remains with the ash since it i s  relatively 
insoluble under these conditions. The ash-lithium carbonate cake i s  s lurr ied in 
water and the lithium is solubilized by conversion t o  the bicarbonate. The a sh  i s  
removed by filtration and the soluble bicarbonate in  the fi l trate is precipitated a s  
the carbonate. 
the process  stream; the saturated lithium carbonate fi l trate i s  recycled to con- 
se rve  lithium. 
can be recovered by this technique. 

An aqueous process  h a s  been developed for this purpose. The fi l ter  cakes 

The lithium carbonate is separated by filtration and returned t o  ~ 

Laboratory tes ts  have demonstrated that over 90% of the lithium 



5. Mater ia l s  and Components 

A tes t  program to select  mater ia ls  of construction which r e s i s t  corrosion by 
the process  melts has  been underway for  over 5 y e a r s .  At f i r s t ,  al l  of the com- 
mon metals,  alloys, and ce ramics  were  given screening tests.  Successful candi- 
dates were  then subjected to long-term tests,  including one-year tes ts  in rotating 
capsules. As a result, i t  was found that 300 s e r i e s  stainless s teel  was the best  of 
the conventional alloys fo r  service below 550 C, and tha t  high density alumina was 
very corrosion-resistant even at 95OoC. 

0 

After the preliminary selection of 300 se r i e s  stainless steel, this alloy was 
subjected to further tes ts  to study the effect of s t r e s s  in the presence of chloride, 
oxygen, and water vapor, the effect of sensitization, and the rate  at  which the 
alloy constituents a r e  leached out and transported under the influence of a temper- 
a ture  gradient. A molten salt loop has been i n  operation for  several  months a s  a 
par t  of these tests. The resul ts  indicated Type 304 and 347 stainless steel  a s  the 
best of the conventional alloys for  service below 55OoC. 
very corrosion-resistant'even at 95OoC, therefore  alumina bricks will be used to 
line the pilot plant reducer  vessel .  

High density alumina was 

. 

The success of t h e  type 300 se r i e s  stainless steel  in molten carbonates i s  due 
to the protective LiCrO 
layer.  
few mils  pe r  year. 
oxide, with the vacant inters t ices  filled with lithium. Lithium i s  the only stable 
ionic species present i n  the melt  which i s  capable of filling the vacant interstice 
without expanding the oxide latt ice.(5) Thus a stable diffusion b a r r i e r  i s  formed 
which l imits further corrosion. 

film which forms a compact, tenacious and self-healing 
This film fo rms  in about 500 hours and dec reases  the corrosion rate  to a 2 .  

, 

It has  been shown that this f i lm is essentially chromium 

ECONOMICAL EVALUATION OF THE PROCESS 

An economic analysis of the process  has  been done to estimate the capital and 
operating costs of a large commerc ia l  plant. 
for  a plant treating the g a s  s t r e a m  f rom an 800 Mw generating station, operating 
at  a 70% plant factor and burning coal containing 3% sulfur. A penalty charge for  
the high-temperature electrostatic precipitator was assessed.  The cost of the 
Claus sulfur plant was also included. 
$15 million, or $18. 70 p e r  kilowatt of generating capacity. This cost appears to 
be quite competitive with that fo r  any other stack gas treatment process  which 
recovers the sulfur in useful fo rm.  

The economic analysis was made 

The total capital requirement is about 

The estimated annual operating cost for  the 800 Mw plant assuming capital 
charges of 14% per year  is 0 .87  mills/kwh, without any credit being taken for the 
by-product sulfur produced. A re turn of $20/long ton for  the sulfur i s  equivalent 
to a credi t  of 0.18 mills/kwh, reducing the operating costs to about 0. 7 mills/kwh. 
This compares quite well with present estimates of 0 .  7 to 1 . 4  mills/kwh for  low- 
sulfur or  desulfurized fuels.  

A thorough engineering and economic evaluation of the Molten Carbonate P r o -  
cess has recently been completed by Singmaster and Breyer ,  under contract to 
EPA.(61  F o r  the same  plant situation, their cost estimates were $16.81/kw for 
the capital investment (not including the Claus plant) and 0 . 9 5  mills/kwh for oper- 
ating costs without by-product credit .  The differences between the two estimates 
a r e  probably well within the accuracy of the calculations. 

r 

f 
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PILOT PLANT PROGRAM 

The pilot plant, funded by Consolidated Edison, Northeast Utilities, and North 

It is  planned 
American Rockwell, will p rocess  a side stream'of stack gases  f rom a 3 3 5  Mw 
boiler at the Consolidated Edison Arthur Kill Station on Staten Island. 
to vary the SO2 concentration a t  the inlet to the scrubber in  o rde r  to map process 
performance over a wide range of conditions. 
approximately 10 Mw equivalent of gas .  

The side s t r e a m  will correspond to 

The gases, a t  125OC, will be heated to about 450 C by an in-line burner firing 
the same fuel as the  boi ler .  
the fuel oil presently specified will contain -200 ppm sulfur oxides. This concen- 
t ra t ion i s  low when compared to the 2000 ppm typical of gases produced by boi lers  
burning coal containing 370 sulfur .  In o rde r  to provide the flexibility needed to 
operate over a range of sulfur oxide concentrations, the pilot plant will be de- 
signed to recycle some sulfur dioxide f r o m  i t s  Claus plant. 

January, 1973. A one-year tes t  program i s  contemplated. During this period of 
t ime all system and component performance t e s t s  and optimization studies can be 
completed. 

0 

The f lue gases  produced by the  boiler when burning 

Construction of the  pilot plant i s  underway. Plant  s tar t -up is scheduled in  

1. 

2.  

3 .  

4. 

5. 

6 .. 
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RECOVERY OF SO FROM STACK GASES AS ELEMENTAL SULFUR BY A DRY FLUIDIZED 
ACTIVATED CARB6N PROCESS. J .  E. Davis, F. J .  Ball ,  G. N. Brown, A. J.  
Repik, S. L. Torrence, Westvaco Corporation, Box 5207, N .  Charleston, 
S .  C. 29406. 

A dry fluidized activated carbon process i s  being developed a t  the 
continuous p i l o t  stage f o r  recovery of SO from waste o r  f lue  gases 
as elemental su l fu r .  The SO i s  removed Prom the gases as s u l f u r i c  acid 
on carbon by sorp t ion ,  c a t a l j t i c  oxygenation and hydrolysis. This is 
acconplished i n  a f luidized bed sorber cooled by water sprays a t  150 to  
300OF. An important developmnt is  the d i r ec t  conversion of sorbed sul- 
f u r i c  acid t o  elemental s u l f u r  by reaction with in te rna l ly  produced hydro- 
gen su l f ide .  
zation< a t  1000°F and condensation. The res idua1 ,su l fur  on the carbon is  
then reacted w i t h  hydrogen a t  1000°F t o  produce the required hydrogen 
su l f ide  and complete the carbon regeneration. All regeneration s teps  employ 
f lu id  bed reactors.  Adsorption of SOp a t  up t o  25,000 cfh has been de- 
monstrated on pmer boiler f lue  gases and simulated Claus t a i l  gas. Feasi- 
b i l i t i e s  of the regeneration s teps  a t  comparable carbon rates have been 
shown and continuous integration of t h e  p i l o t  equipment is  currently being 
achieved. Economic projections based on a 1000 MW conceptual design compare 
favorably w i t h  published figures on a l t e rna te  measures t o  control SO emis- 
sions. The current use of fluidized carbon beds t o  continuously deshva te  
a i r  streams of up t o  500,000 cfm w i t h  mjnute carbon a t t r i t i o n  should expedite 
scale-up. 

The product s u l f u r  i s  recovered as molten s u l f u r  by vapori- 
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AMMONIA INJECTION: A ROUTE TO CLEAN STACKS 

By C .  C. Shale 

U. S :  Department of the Interior, Bureau of Mines 
Morgantown Energy Research Center 

P. 0. Box 880, Morgantown, W. Va. 26505 

INTRODUCTION 

Reduction in SO, emissions from coal-burning powerplant stacks is essential to minimize atmospheric 
pollution from this source. Projections of energy demand show that by 1980 coal will account for about 25 
million tons of total sulfur oxides output, mostly SO,,  unless effective control methods are developed. 

A vapor phase ammonia injection process for SO, removal is being developed at the Morgantown 
(W. Va.) Energy Research Center. In laboratory research with simulated stack gas containing 4,200 ppm 
SO, (equivalent to 6.0 percent sulfur in coal), essentially complete removal of SO, from the gas phase was 
effected by ammonia injection (2J.I Preliminary work has since been carried on with a small pilot-scale instal- 
lation in which the sulfur products from the vapor phase reaction are removed in a water scrubber. This 
paper presents additional data from the laboratory work and the pilot-scale installation. 

DESCRIPTION OF PROCESS 

, In the vapor phase ammonia injection process water (or steam) and gaseous ammonia are injected to the 
stack gas while the gas is at some temperature ( ) ,160" F) above that at which ammonium sulfite, the princi- 
pal product, decomposes (1 40" to 158" F) @). After the water is vaporized and the reactants thoroughly 
mix, the gas is cooled below 140' F and the finely divided salt particles separate from the gas as a smoke or 
fume (dp = 0.01 to 1 .O micron). The entrained solids, salt particles and fly ash, are then recovered concur- 
rently. 

The process offers high versatility in the removal of the entrained solids. They can be removed in either 
a dry or wet state, and if removed by a wet method, several alternatives are available for regenerating ammonia 
for reuse. Furthermore, since each salt particle could contain over a million SO, molecules, removal of SO, 
as a solid could provide more effective gas cleaning at reduced capital and operating costs. For example, the 
usual method for cleaning stack gas in modern powerplants is depicted in figure 1 (A); after partial recovery of 
heat, ash is removed in an electrostatic precipitator prior to release of the gas to the atmosphere. Proposed 
modifications to this mode of cleaning in conjunction with ammonia injection also are shown for dry removal 
of the salt particles along with the ash in a precipitator as indicated in figure 1 (B), or by dry removal of ash 
followed by wet removal of the salts and residual ash as indicated in figure 1 ( C ) .  Results of qualitative tests 
in a precipitator indicate the salts are collectible in the dry state, as suggested, but no attempts have been 
made to secure quantitative data. If collected dry, the salt-ash mixture could be utilized as a soil conditioner 
or low-grade fertilizer and regeneration of ammonia would not be necessary. 

If a wet method for collection is selected, ammonia can be regenerated from the salt solution by reaction 
with a readily available metal oxide, such as lime or zinc oxide, with formation of a stable sulfur product for 
disposal. These metal oxides, however, as well as their reaction products, are insoluble and could cause 
deposition on heat transfer surfaces and/or clogging in the regenerating equipment. Therefore, as indicated 
in figure 2, to insure continuity and reliability of the process, a soluble metal oxide was utilized (in the form 
of sodium hydroxide solution) to  regenerate the ammonia in the experimental work described. This procedure 
also allows more effective utilization of the metal oxide; the soluble oxide (NaOH) can be regenerated in batch 
equipment outside the continuous portion of the process by reaction with either the aforestated insoluble . 
reactants, lime or zinc oxide. Better control is afforded in a batch reactor with more efficient use of reactants. 

LABORATORY DATA 

Published data(2J from the laboratory work on the vapor phase reaction as well as unpublished data on 
kinetics of the reaction are presented for purposes of clarity. 

'Underlined numbers in parentheses refer to references at the end of this paper. 



107 

Figure 3 shows the effect of adding various quantities of ammonia to an SOz -laden gas stream in the 
presence of an excess of water vapor in the laboratory-scale equipment. Essentially complete removal of 
SO2 from the gas phase is effected when ammonia additions are actually slightly less than the calculated 
stoichiometric quantity for sulfite formation. For example, at a gas flow rate of 10 scfh the calculated rate 
of ammonia addition for 3.6 percent solution is 1.86 milliliters per minute for removing all SOz from a gas 
containing 4,200 ppm, but no SOz was detected a t  the rate of 1.74 milliliters per minute. It is obvious that 
some bisulfite salt is formed in the reaction of SOz with ammonia and water vapor. The kinetics of the 
reactions are indicated to be adequate for commercial utilization by the curves given in figure 4, wherein 
residence time in the reactor was less than 0.4 second at a g a s  flow rate of 70 scfh, the highest tested. 

PILOT-SCALE EQUIPMENT 

The entire pilot-scale installation consists of a coal combustor, cyclone separator, two heat exchangers, 
scrubber, regenerator, and exhaust fan. The scrubber and regenerator are equipped with heat transfer coils 
and all equipment in contact with the scrubber liquid is made of stainless steel. Gas-sampling ports are 
installed upstream and downstream of the scrubber. Process data are provided by three recording instru- 
ments: a liquid conductivity meter, a pH analyzer, and a flame photometric SOz analyzer. This type of 
analyzer detects sulfur regardless of the compound in which the sulfur occurs. 

Combustion gas is generated by burning coal at rates up to 10 lb/hr. A portion of the gas is cooled to 
about 400" F, is passed through the cyclone to  remove most of the fly ash, and is further cooled (to about 
160" F) before entering the scrubber vessel above the liquid level as shown previously in the flowsheet of 
figure 2. A liquid spray in the lower portion of the vessel cools the gas to about 130" F prior to actual 
scrubbing. After scrubbing, the clean gas, saturated with water vapor, flows through a mist eliminator to a 
stack at about 1 15" F. Sulfur dioxide content of the gas is monitored at the cyclone outlet (before reactant 
injection) and at the scrubber outlet. 

Most of the scrubber liquor is cooled (105" F) and recycled in the raw state. Part of the cooled liquor 
is filtered to remove accumulated ash particles and flows through the pH meter, conductivity meter, and then 
to the cooling spray. Another portion (without cooling) is filtered and flows to the regenerator at a controlled 
rate. As shown, sodium hydroxide solution also flows to  the regenerator at a controlled rate. The mixture of 
solutions is heated to about 220" F and chemical reaction releases the ammonia and steam; these products 
return to the system under the force created by their vapor pressures. 

Prior to use of sodium hydroxide, lime and zinc oxide slurries were tested successfully for regenerating 
ammonia, but these insoluble metal oxides could not be effectively maintained as a suspension. Both reactant 
and product settled in the regenerator to ruin heat transfer and/or clog the liquid drain. Therefore, as stated 
earlier, sodium hydroxide was utilized to promote continuity and reliability to the system. 

PILOT-SCALE OPERATIONS 

Total liquid in the scrubber system in the pilot equipment is maintained at about 16 liters. The raw 
solution in the scrubber is recycled to the distribution plate at rates from 0.2 to 0.7 gal per minute. The 
filtered portion that flows through the monitoring instruments and the cooling spray is maintained constant 
at a rate of 0.2 gal per minute. Flow of solution to the regenerator is controlled from zero to 4.2 liters per 
hour, depending on the rate at which ammonia is needed for the vapor phase reaction. 

At the start of an operation, water or ammonium sulfite solution can be used as the scrubbing liquid. 
If water is used, primary ammonia and steam must be injected to the gas and the scrubbing operation must 
continue for several hours prior to regeneration of any ammonia. This builds up a salt solution. If a sulfite 
solution is used (3.0 percent), ammonia regeneration can begin immediately. 

Preliminary tests with the pilot-scale unit confirmed laboratory results and showed that essentially com- 
plete removal of SOz from the gas phase could be achieved in the larger equipment by injecting ammonia and 
steam. Many other tests were conducted to  isolate the effects of some operating variables, including minimal 
development of the water scrubber. Results of these tests, however, are not described; the data are outside 
the scope of this paper. 
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Final selection of scrubbing medium allowed provision for a liquid reservoir on a distribution plate as 

described by Kempner, et a1 0, and indicated in figure 2. Single or multiple layers of 50-mesh screen were 
used to obtain liquid-solid contact and to  cause wetting and removal of the solids. Results of selected tests 
of a few hours duration are given in table 1, wherein, unless otherwise noted, 1 .O scfh ammonia and 2.0 Ib per 
hour steam were injected into a flow of 500 scfh combustion gas. Under these conditions mass flow rate was 
about 350 Ib/hr-ftz. Calculated salt content of the gas was 0.13 gram per cubic foot based on SOz concentra- 
tion of 900 ppm, as determined by wet chemical analysis (analyzer not installed). Ash content was determined 
by sampling the gas at the specified isokinetic rate. Because of combustor limitations, higher mass flow rates 
could not be tested on a continuous basis. 

As shown, the scrubber removes well over 90 percent of the salt and residual ash particles using a single 
screen atop the liquid reservoir. This degree of removal is attainable at a pressure loss under 2 inches of water 
and demonstrates that the solids are removed with very short contact time in the cleaning equipment. 

After installation of the sulfur analyzer, continuous monitoring was provided. Results of a continuous 
operation using this scrubber concept in the pilot-scale unit covering 105 consecutive hours (4.4 days) are 
summarized in table 2 .  During this period the scrubber was off line only one hour to clean a clogged line. At 
the start of the operation the scrubber contained a 2.9 percent solution of ammonium sulfite which had been 
prepared and used previously for almost 8 hours. During extended tests, pressure loss through the scrubber 
ranged from 2.0 to 2.2 inches of water. The liquid-gas ratio was about 5.0 Ib/lb. Throughout the test all 
ammonia was regenerated from the scrubber liquor using sodium hydroxide solution except for a single 3-hour 
span during which 1 .O scfh of ammonia was added to  test the effect of higher pH in the scrubbing liquid. 
Operation during the final 20 hours is not representative. This period was devoted to obtaining specific 
essential data for other purposes. 

A calculated ammonia balance (using conductivity and pH measurements) over the first 83  hours of 
operation showed 4.23 g-moles ammonia loss due to all causes, which is representative of a maximum stack 
loss of 3.53 cubic feet of ammonia. Since a total of 41,500 ft3 of gas was processed, ammonia loss was about 
85 ppm. On a once-through basis this represents about a 4 percent loss, using an average SOz inlet of 1,050 
ppm with 90 percent removal. Other potential losses can occur as solid salts out the stack, unregenerated salt 
solution, and leakage. Sulfur dioxide concentration in the effluent gas remained consistent, always ranging 
below about 220 ppm (usually below 100 ppm) and demonstrating a removal efficiency above 77 percent. 
This removal effectiveness was accomplished at a pH that never exceeded 5.4 and usually was in the range 
3.5 to 4.5. 

Further analysis of the data in table 2 reveals apparent irregularities in performance of the process. For 
example, at an elapsed time of 61 hours scrubber solution was being regenerated at a rate of 2.1 liters per hour 
to  supply ammonia for the vapor phase reaction. Removal efficiency was only 77 percent. Six hours later 
while SOz content of the inlet gas was higher (1,000 vs 910 ppm) scrubber solution flow rate to the regen- 
erator was zero, but the SOz content of the purified gas was only 10 ppm; removal efficiency was 99 percent. 
Other similar examples can be isolated. These conflicting data indicate some of the complexities of the 
process: 

1. If all SO2 is not converted to the solid state, part or all of the remainder is absorbed during 
the scrubbing operation. The degree to which this action occurs appears to  be directly pro- 
portional to the pH of the scrubbing solution and the rate at which scrubber solution is 
recycled to the distribution plate. 

2. At any given flow rate of scrubber solution to the regenerator, the volume of ammonia regen- 
erated appears to vary directly with solution pH, salt concentration, and regenerator temperature 
(up to about 220° F). 

3. Excess sodium hydroxide solution (metal oxide) must be available at all times in the regenerator 
for reaction with the scrubber salt solution. 

. PROCESS CHEMISTRY 

Initial chemical reactions in the vapor state are postulated as, 
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2NH3 + SO, + Hz 0 + (NH,), SO,, and 

NH3 + SO2 + HZO * NH4HSO3. (2) 

After the scrubbing operation, the solution of salts is exposed to sodium hydroxide solution; chemical reaction 
releases ammonia and steam for recycle, 

(NH,), SO3 + 2NaOH * Na, SO, + 2NH3 + 2Hz0,  and (3) 

NH4 HSO, + NaOH =+ NaHSO, + NH, + H, 0. ' (4) 

During the scrubbing operation some of the sulfites are oxidized to  sulfates; the oxidation products appear to 
be continuously removed from the scrubbing liquor by similar reactions in the regenerator, 

(NH4),S04 + 2NaOH =+ Na2S04 + 2NH, + 2H20,  and (5) 

NH4HS04 + NaOH * NaHSO, + NH, + HzO. (6) 

Moreover, it is evident that sulfur trioxide also is removed from the gas as shown by the analyses listed in 
table 2 (0 ppm SOz, 72-89 hours). Ammonia can be regenerated from the sulfates as shown in reactions (5) 
and (6). Other reactions that may occur could remove selected components from the combustion gas, such as 
NO,' or CO, , but the high reactivity of the sodium ion should induce reaction with the ammonium salt produced, 
and thereby minimize this potential loss of ammonia. 

As previously indicated, other chemical means are available for regenerating ammonia, such as reaction 
with lime or zinc oxide slurries, both of which have been tested successfully in the pilot installation. These 
reactions are demonstrated by the equation, 

In this reaction, however, both the reactant and the sulfur product are insoluble and could interrupt process 
continuity by deposition and clogging if installed in the continuous portion of a recycle system. Furthermore, 
the sodium salt solution from the regenerator can be isolated for batch reaction with a cheap insoluble metal 
oxide, such as lime slurry, 

Na,SO, + Ca(OH), =+ CaS03 + 2NaOH, or (8) 

Na, SO4 + Ca(OH)* + CaS0, + 2NaOH. (9 1 

After concentration, the sodium hydroxide can be recycled. In addition, all disposable salts can be oxidized 
to themost stable state, e g ,  calcium sulfate. 

Another means for disposal of a sulfur product could involve reaction of hydrogen sulfide with either the 
ammonium or sodium sulfite solution to produce elementary sulfur. Additional processing is required, but the 
weight of disposable product could be reduced by a factor of about four. Moreover, under select conditions 
sale of sulfur could offset at least part of the processing costs. 

DISCUSSION 

The vapor phase reaction between water, ammonia, and sulfur dioxide is essentially instantaneous in the 
presence of an excess of water vapor. The reaction occurs when the mixture is cooled below the decomposi- 
tion temperature of the product compound(s). In the presence of adequate ammonia virtually complete 
removal of SO, is available providing that the reactants are thoroughly mixed prior to the cooling operation. 

The apparent cause for such effective removal of the finely-divided salt particles (dp = 0.01 to 1.0 micron) 
and the residual ash particles is the process of nucleation that occurs when excess water in the gas condenses on 
the solids during the cooling operation. This process allows the soluble particles to  be dissolved in the scrubbing 
liquid and the insoluble ones to be enlarged for easier capture. Theoretically, the ash particles could serve as 



condensation nuclei for the salt particles; the ash particles then could be wetted by dissolution of the adhering 
salts and could cause effective size growth in the insoluble solids with concurrent ease of removal. 

Scrubber liquid can be recycled to  obtain a salt solution of any desired concentration prior to regenera- 
tion of ammonia from the solution. The upper limit on solution concentration presumably will be controlled 
by the vapor pressures of the components, ammonia and sulfur dioxide. At high pH, ammonia vapor predom- 
inates; at low pH, sulfur dioxide is the dominant vapor. Therefore, optimum recycle of the scrubber liquid will 
be controlled at low pH and dilute solution concentration concurrent with and relative to equipment (capital) 
and operating costs. A solution having low pH (e.g., ( 6.0) requires stainless steel or protected carbon steel to 
prevent corrosion. 

The process of nucleation apparently is dominant in  removal of the entrained solid salts, whereby most 
of the residual ash also is removed by the scrubbing liquid with low contact time. Whatever the reason, the 
process is effective at  low pressure loss. 

Batch processing of the sodium salt solution from the regenerator allows more effective utilization of lime. 
However, disposal of product salts remains a problem. 

Furthermore, after ammonia injection, effective removal of sulfur dioxide as a solid can be accomplished 
with water or a dilute salt solution. As exemplified by work conducted at Tennessee Valley Authority (TVA) 
W for removal of SOz by scrubbing with ammoniacal solution, the scrubber solution must have high pH 
( % 6.4) and must be relatively concentrated to provide the required driving force for effective absorption. 
Under these conditions at  least one additional stage of scrubbing is required (with increased pressure loss) to 
prevent gross loss of ammonia. 

CONCLUSIONS 

Ammonia injection followed by gas cooling is demonstrated as an effective means for removing SOz from 
the gas phase in combustion gas mixtures. Product sulfur-bearing salts, which are entrained in the gas, can be 
removed in a single stage water scrubber, and ammonia is effectively regenerated from the scrubber liquid 
through reaction with sodium hydroxide solution. Ammonia losses are minimal and presumably can be 
reduced even further through use of a second stage of scrubbing. All reactants and products in the continuous 
cycle of the process are water soluble, so no equipment clogging occurs; process continuity and reliability are 
not interrupted. 
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TABLE 1. - Scrubber operating data 

Liquid recycle 
rate, gpm 

0.4 
.4 
.4 
.2 
.4 
.2 
.2 
.4 
.2 
.4 

Test no. 

1 
\ 2  
3 
4 
5 
6 
7 
8 
9 

10 

~ 

Pressure loss 
in H 2 0  

1.5 
2.5 
2.5 
1 .a 
2.9 
3.5 
4.0 
4.6 
3.8 
5.5 

Scrub. medium, 
screen 

k e s i d .  ash 
gr/ft3 x 1 0 - 3  

Removal eff., percent 
Salt I Ash 

dResid. NH,, 
gm/ft3 x 10-3 

15.5 
6.8 
6.4 
6.6 
5.8 
4.8 
5.5 
5.6 
5.5 
5.4 

23 
.13 
20 
0.6 
0.3 

11 
11 
12 
15 
9 

88.1 
94.8 
95.1 
94.9 
95.5 
96.3 
95.8 
95.7 
95.8 
95.8 

Calculated salt produced, 0.13 gram per ft3. 
Ash concentration inlet gas, 0.32 grain per ft3. 
Distribution plate only, 0.1- in holes. 

3.! Steam rate 3.0 pph. 
d Steam rate 4.0 pph. 

TABLE 2. - Representative data on continuous SO2 removal by NH3 injection 

Cumulative 
time, hrs 

3.0 
9.5 

15.0 
20.0 
24.0 
29.0 
35.0, 
43.0 

51.0 
55.0 
61 .O 
67 .O 
72.0 
76.0 
83.0 
89.0 
93.0 
97.0 

101.5 
102.0 
104.0 
105.0 

' 47.0 

IH scrubber 
solution 

5.20 
4.85 
4.30 
4.45 
4.30 
4.18 
5.02 
4.30 
3.80 
3.03 
4.23 
4.39 
5.42 
4.02 
3.16 
4.54 
4.29 
4.02 
2.90 
3.98 
3.18 
4.72 
3.95 

Solution conductivity, 
mhos 104 

5.40 
5.40 
5.18 
5.01 
5.10 
5.30 
5.50 
4.89 
4.80 
4.83 
4.1 1 
3.69 
3.49 
4.45 
4.74 
3.90 
3.50 
2.90 
3.05 
1.93 
1 .80 
1.55 
1.50 

2f Analysis by wet chemical method, 30 ppm'. . 
Analysis by wet chemical method, 510 ppm. 

92.8 
95.9 
93.7 
99.8 
99.9 
96.6 
96.6 
96.2 
95.3 
97.2 

- SO2 
Inlet 

1,000 
1,000 
1,000 
1,225 
1,250 
1,250 
1,650 

885 
1,030 

930 
910 
910 

1,000 
930 

1,090 
1,200 
1,100 
1,030 

780 
780 

1,030 
1,400 
1,900 

- 
PPm 
Outlet 

150 
45 

120 
130 
90 

220 
220 

25 
39 
5 1  

210 
10 
0 
0 
0 
0 

220 
760 

505 
590 
910 

J20 

A505 

Removal I Solution regen- 
eration rate, cc/hr efficiency, pct 

2,400 
2,000 
1,056 
1,440 
1,056 
1,056 
1,056 

600 
240 
240 

2,100 
2,100 

0 
0 

,056 
2,100 
2,100 
2,400 
2,700 

) 4,200 
) 4,200 
) 4,200 
) 4,200 

85 
95 
88 
89 
93 
82 
87 
97 
96 
94 
97 
77 
99 

100 
100 
100 
100 
79 

3 
35 
50 
58 
52 
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FIGURE 3. - Effect of Ammonia for Removing SOz From Gas Phase 
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' 'AQUEOUS SCRUilEIKG OT:' 1 2 ~ ; ~  rRO:.I STACK GASES. G. A.  C!inppel l ,  Esso R e s e a r c h  and 
Enginee r j . nz  Coispniiy , I , l nden ,  New J e r s e y ,  0703G. 

A bench-sca1.e b ~ t c h  s c r u t b i n g  u n i t  has  b c e n  used  t o  s c r e e n  v a r i o u s  s o l u t i o n s  f o r  
NO, a b s o r p t i o n  from s y n t l i e t i e  f l u e  gas .  T h e  b l e n d e d  [;<xi s t r e a n  c o n t a i m d  12% CO2,  3;; I 

700 ppm t ;O): ,  8% steaiii, v a r i z b l c  SC2, and  S2. The  m i x t u r e ,  f l o t i i n g  a t  3200 c c / n i n ,  
b u b b l e d  through me. l i t e r  of s c r u b b i n g  s o l u t i o n  na in tn i : i ed  a t  12SoF.  T h e  e f i l . u c n t  gas 
was a n a i y z e d  spectrop1iotonct i~icnl l .y  fer  >XI, KO2 and SO2. Ve i n v e s t i g a t e d  t h e  e f fec t  o 
NO2 a d d i t i o n  a i  the  s o r p t i o n  of !?O by u s i n g  a f l u e  gas containin: ;  350 ppm e a c h  of t h e  

.oxides. Of the rx~iiy s o l u t i o n s  and s l u r r i c s  s t u d i e d ,  s u l f i t e s  rind amines weye t h e  most 
e f f e c t i v e  a t  110, a b s o r p t i o n .  C o n c e n t r a t e d  annoniuni h y d r o x i d e  (6501:) r enovcd  7 4 2  of  t h  
NO, and 80% of t h e  NO2 whereas a s a t i r r a t e d  sod ium s u l . f i  tc  s o l u t i o : i  (1250F) a b s o r b e d  1 G Z  o 
the K O  and~1.002 o f  t h e  KO2. 
The s u l f i t e  s y s t c ~ n s  are q u i t e  u n r e a c t i v e  toward  NO i n  t'nc a b s e n c e  o f  i:O2; ho;.rever, the 
prcscncc!  of ?IO hss l i t t l e  c i f c c t  ui:on t!ik t i b s o r p t i o n  of ::02. 
will I)c p r e s e n t e d  and d i s c u s s . c d  j.11 more d e t a i l .  

1 
9 A s l u r r y  of Cas03 a b s o r k d  35% o f  tt,e it0 2nd GGS of  t h e  

) T'nese and other r e s u l t s  

i 
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